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This Research Should 
Not Stop 


gress to reduce the government expense is 
laudable, but each cut proposed is worthy of 
the most careful scrutiny as to the effects of the 
economy. Many governmental activities which ap- 
pear to the average citizen as non-essential are really 


; NY effort on the part of the United States con- 


of great import when their purposes are understood. 


A case at point is an amendment offered by Rep- 
resentative Douglas of Arizona which would reduce 
the appropriation for the Bureau of Mines in such 
measure as to curtail practically to nullification the 
researches of the Petroleum and Natural Gas Divi- 
sion of the bureau. 

The petroleum division of the bureau has been fos- 
tered to its present scope and efficiency of organiza- 
tion no doubt upon the hypothesis that the govern- 
ment itself has a major interest in petroleum through 
ownership of both oil bearing and shale lands to the 
extent that the researches undertaken by the bureau 
in this connection are justified for the government’s 
own interest. Added to this is the benefit that the 
petroleum division is to the major industry with 
which it works. And the words ‘“‘with which it works” 
are used advisedly, for probably no other line of re- 
Search undertaken by a governmental body is more 
actively aided, coordinated and applied than is the 
work of this division. The petroleum indus- 
tty, working both through its units and its 
societies, is taking full advantage of the re- 
search of the bureau in this direction, and 
the expenditures of private capital make the 
appropriation of the government only a sup- 





tion of the bureau’s activities, either in scope or im- 
portance. 

The forces and the phenomena with which the oil 
industry works are so complex that the line of de- 
marcation between pure science and industrial prac- 
tices is hard to determine. For this reason researches 
which to the mind not trained to the ways of petro- 
leum are of no interest or importance often are of 
vital concern. This condition existing, upon the men 
in the industry falls the duty of calling to the atten- 
tion of their congressmen the importance of continu- 
ing the activities of the bureau in its petroleum ex- 
periments and inevstigations. 

The proposed reduction in the appropriation would 
be approximately 37 per cent. What work would 
discontinue would be determined, of course, by the 
heads of the department. But it is certain that it 
would mean dropping many of the personnel and 
closing field offices. It would also mean stopping 
important researches now underway in refining, new 
equipment for which has recently been installed at 
Bartlesville; important work on the testing of gas 
wells and study of the flow of gas through pipe lines 
would have to be deferred. Another important re- 
search that is just getting started in East Texas and 
at Oklahoma City—bottom hole pressures and the 
amount of gas dissolved in oil—would be either cur- 
tailed or deferred. 

The situation certainly justifies the in- 
dustry, especially those interested in its 
technical advancement, in informing their 
representatives in congress of the import- 
ance of keeping the earnest researchers of 








plement. And this does not mean deprecia- 


March, 1932—A Gulf Publishing Company Publication 


the department on the job. 








Salient Oil Industry Factors for January, 1932, Expressed in Per Cent of 
January, 1931. Heavy Line (100) Represents January, 1931 
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Oil Industry Barometer—January, 1932 


Index of Salient Factors This Month 
Factors— Last This 
Year Year 
Daily Average Crude Production (Thous. Bbls.)................. 2,120 2,158 
ES eg ORS 3) a 409,142 369,382 
Refinery Crude Runs (Thous. Bbls.).............. 02 e eee e eens 70,207 68,715 
i ON. TU go cass beciscceceescecccereeess 4,353 2,047 
i MUD oh as banc ce ocsatcece cecscecgepeess 1,919 1,633 
Posted Price 36 Gravity Mid-Cont. Crude (Per Bbl.)’ 95 $.77 
Wells Drilled : 1,031 
Oil Wells Completed 693 
tose Cruee Proguction (Thous. Bbis.)............522. 00 ccc saee 3,505 
ee Oe EE”) eee ee 32,708 33,535 
Gasoline Yield—Average Per Cent of Crude‘ 43.6 44.5 
Domestic Gasoline Consumption (Thous. Bbls.).................. 26,415 26,845 
i es i, ME ee. os os seen sveece ntigee sey ennden 1,116 1,224 
NESE Bg ES ES ae rae ire Sena re 4,903 3,422 
Gasoline Stocks at Refineries (Thous. Bbls.)....... 42,981 42,604 
Refinery Price U. S. Motor Gaso.—Group 3 (Cents)* 44 3 
Natural Gasoline Production (Thous. Bbls.).................0006- 4,140 3,342 
Natural “Gasoline Stocks (Thous: Bbis.)......0....0..... ccc cee 3,252 2,934 
Price Grade “A” Natural Gasoline, Group 3 (Cents) 3% 2% 
Imports of All Refined Oils (Thous. Bbls.)................--005- 3,601 3,550 
Exports of All Refined Oils (Thous. Bbls.)..................00. 10,091 6,989 
Total Stocks of All Oils (Thous. Bbls.).................c0 ee eee 662,132 632,030 
Weighted Index of Supply eee a as 
Weighted Index of Demand yous 
Weighted Index of Prices ba 


41Last Year—100. *Weighted Average. *Monthly Average. See Additional Economics in Month 
*Straight run and cracked gasoline only. in Review Section, Page 55a 
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Trend in the Design of Vapor 
Recovery Plants and 
Stabilizers 


By F. L. KALLAM* 


the past year it is astonishing what little activity 
has taken place in the realm of straight natural 
gasoline recovery. It is gratifying, however, to ob- 
serve from the installations made that this inactivity 
has been somewhat compensated for by the interest 
shown in vapor recovery and stabilizer plants within 
refineries. This decided trend definitely establishes 
the fact that refinery management has at last accept- 
ed the principles laid down by engineers three years 
ago that such recovery is economic and would even- 
tually become a competitive necessity. The in- 
creased rigidity of gasoline specifications, calling for 
variations in gasoline characteristics at different 
times of the year, require the utmost operating flex- 
ibility, and this can only be obtained economically 
by resorting to stabilization. 
Several ago there 
was a decided move on the 
part of refiners to install va- 
por recovery systems which 


| reviewing gasoline plant development during 


years 


involved the collection and 
processing of vapors col- 
lected from tankage, primary 
distillation units and crack- 
ing coils. Such systems 
were justified in two ways: 
first, they prevented the loss 
of a valuable commodity and 
turned it into a marketable 
product, and, second, they 
arrested the escape of in- 
flammable vapors and thus 
teduced the hazard of fire 
and its probable monetary 
Sacrifice, 

When the problem of va- 
por-lock was initially forced 
upon the refiner his first re- 
action toward checking the 
xcessive volatility of his 


—_— 


*Foster Wheeler Corporation. 
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Pressure distillate stabilizing unit which removes 

butane and lighter fractions from raw pressure: dis- 

tillate in order to reduce subsequent treating costs 
and handling losses. 


product was to specify more stable naturals for blend- 
ing purposes. Due to the previous efforts of the Nat- 
ural Gasoline Association, however, this purchased nat- 
ural was already under volatility control, so that 
the refiner was soon forced to conclude that the dif- 
ficulty lay with his own vapor recovery, straight-run 
and pressure gasolines. As the largest source of 
excessive volatility among these was in the vapor 
recovery gasoline it became usual to correct this by 
the use of a stabilizer in which the undesired frac- 
tions were removed withcut loss of any of the desir- 
able fractions. 

Later on it was realized that the pressure gasoline, 
as derived from the cracking unit, contained propy- 
lenes and butylenes as well as the corresponding 
paraffin hydrocarbons. And again stabilization was 
resorted to for the controlled 
removal of these fractions, 
which in the average case, 
represented a removal in the 
gaseous phase of 20 per cent 
of the raw pressure distillate 
charged to the unit. This 
particular treatment of the 
pressure distillate has now 
become commonly known as 
“debutanization.” In order to 
produce the required stable 
low vapor pressure product 
it is necessary to vaporize 
some of the desirable frac- 
tions and to subsequently re- 
cover them from the total 
overhead in a conventional 
absorption recovery plant. 


The light gasoline so re- 
covered from the debutaniz- 
er overhead is rectified along 
with the vapor recovery 
gasoline itself, and hence 
forms a part of the blending 
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gasoline. It has been found very desirable to 
remove from the pressure distillate in this fashion 
as much material as permitted by color and gum 
limitations, because the recovery and rectification of 
this cut eliminates the necessity of acid treating and 
re-running. By virtue of the absence of treating re- 
quirements the anti-knock qualities of this light gas- 
oline are improved and retained for the final product. 
As a result of this stabilization the debutanized pres- 
sure distillate itself contains a concentration of the 
gum-forming constituents present in the raw distil- 
late, but inasmuch as the volume to be acid treated is 
generally 80 per cent of that requiring treatment 
without debutanizing, an appreciable saving in treat- 
ing cost results. To this saving must be added still 
another—-that effected by being able to treat and re- 
run a pressure distillate which contains no light vola- 
tile fractions. In the average refinery this saving will 
not be less than two per cent of the distillate pro- 
duced. 

The past year has resulted in a still further im- 
provement in refinery recovery plants. Investigation 
developed the fact that considerable propane and 
iso-butane was to be found in most straight run gas- 
olines, and was chiefly responsible for the average 
evaporation losses amounting to about one per cent 
between the crude battery and the finished storage. 
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By fractionating out of the crude these undesirable 
fractions ahead of the still battery, a very stable 
straight run product is obtained which can be eco- 
nomically handled throughout the remainder of the 
refining process. The light material stabilized from 
the crude passes into the vapor recovery system 
where the desirable gasoline is absorbed and the 
fixed gas rejected in the process of absorption and 
rectification. It should be remembered that for each 
volume of propane removed from the crude in this 
manner that approximately four volumes of butane 
may be substituted without changing or increasing 
the volatility of the naphtha. This permits the use 
of more vapor recovery gasoline; or of recovery gas- 
oline with a greater butane content than would be 
possible if the naphtha contained propane. In either 
case a net increase in gasoline yield results. 

The modern vapor recovery system therefore 
stresses the fact that the annoying light fractions 
are removed from the raw materials under controlled 
conditions during processing rather than in recollect- 
ing and recovering the evaporated portions at the 
end of the process in the usual manner. The modern 
method must include approximate debutanization of 
the crude charged to the refinery, which, aside from 
resulting in a butane-free naphtha, also permits of a 
greater throughput in an existing installation, or, in 


Geet, a 
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Vapor recovery plant operating in connection with a complete refinery. The tower at 

the left is the absorber, equipped with four internal type coolers. The tower in the 

center and the tower at the right are the high pressure and low pressure stills. Each 
column is equipped with four internal type heaters. 
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Atmospheric distillation unit with bubble tower, and 
This bubble tower separates crude into 
eight fractions from gasoline at the top to cylinder 


tube still. 


stock at the bottom. 


the case of a new unit, a considerable reduction in 
size of the still, tower and condenser for a given ca- 
pacity. Prestabilizing the crude in this fashion also 
materially improves the condensing efficiency of the 


straight run plant, a feature of no small im- 
portance during the hot summer months. At 
the same time, the light fractions removed 
from the crude charge and recovered in the 
stabilizer are subjected to efficient condensa- 
tion by reason of the higher pressure under 
which this procedure takes place. Lastly, the 
stabilized naphtha may be taken with a mini- 
mum of loss because of its low vapor pressure, 
making the vapor volume to be recycled from 
Still a fur- 


ther advantage exists where the straight run 


this source practically negligible. 


product normally must be treated for the re- 
moval of hydrogen sulphide and its effects, 
as this compound is also freed from the oil in 
the stabilizer at relatively low temperature. It 
is believed that such stabilization of the crude 
oils, especially those of high sulphur content, 
will eventually solve many of the present day 
refinery problems. 

By correct design of both the crude oil and 
pressure distillate stabilizers it is often possible 
to condense appreciable quantities of the over- 
heads from these columns, thereby reducing 
the vapor load on the absorption plant. The 
condensates so produced can thus be taken 
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directly to the final stabilizer and processed along with 
the gasoline recovered from their companion vapors in 
the absorption unit. Such combined stable recovery 
gasoline, free of propanes and lighter, but rich in bu- 
tanes and butenes, can economically be stored in low 
pressure tanks similar to those used in the natural gaso- 
line industry. Here storage pressures are of the order 
of 20 to 30 pounds which are sufficiently high to ef- 
fectively prevent evaporation losses. Such gasoline at 
the worst may require light treatment, such as a caustic 
or doctor wash, and this may be efficiently rendered 























































under such pressures at a continual rate. The recovery ) 

gasoline is thus available for blending in the desired F 

ratios with either the straight run or pressure gaso- t 

lines, or with both. - 

It is obvious that with this latest vapor recovery d 

system, involving the stabilization of the naphtha, g 

pressure, and recovery gasolines, the vapors to be cl 

recovered from the final product storage tanks are St 

practically nil. This is true even for atmospheric f 

storage, although it is of course desirable to employ b 

the conventional balancing system in the case of p 

working tankage. The absorption plant must there- § @ 

fore handle what vapors arise from these sources plus he 

the overhead vapors from the crude oil and pressure bt 

distillate stabilizers. The latter may also be smail in § 4 

volume if considerable condensation can be obtained § © 

within these latter units. The remaining gas to be bl 
processed is the vapor from the cracking separator. 

Many modifications may be introduced here concern- § Pt 

ing the processing of these four gas streams, but in Si 
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Crude oil stabilizer unit showing bubble tower in the center and kettle the 

in the righ background. In the left background are heat exchange" the 

and reflux tanks. The kettle of this installation uses hot fuel prok 





as a heating medium, 
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vey to absorb at the higest pres- 

sired 9 cures possible even though 

gaee this may involve the use of 
several absorbers operating at 

very §§ different pressures. Stripped 

htha, gas from the system then be- 

to be & comes available from two 

s are § sources, the absorber and 

yheric final stabilizer, and the -com- 

nploy fj bined vapors, suitable for 

se of @ Plant or domestic fuel, should 

there- gf analyze a zero pentane and 


s plus heavier content, with a normal 


28S 

Re upon the amount of this ma- 

rained terial which can be commercially handled in the 
to be fy Llending gasoline. 

irator. The absorption plants installed for vapor recovery 
ncern- || Purposes have been more or less of conventional de- 


but in | Sign with a possible trend toward the use of distilla- 
tion units equipped with both high and low pressure 
stills. These high pressure stills are operated at pres- 
sures in the neighborhood of 100 pounds and with 
temperatures such that relatively large proportions 
of the methane, ethane and propane fractions con- 
tained in the oil charge are distilled overhead and 
vented from the system. The removal of these frac- 
tions naturally results in a partially stripped lean oil 
‘f@ which is suitable for final distillation in the low pres- 
sure still operated at pressures of the order of five 
pounds. Because of the previous removal of the light- 
est hydrocarbons from the oil fed to the low pres- 
sure still it is possible to obtain high condensing effi- 
ciency even at such low operating pressures. This is 
true because the overhead vapor stream is practically 
100 per cent condensable at these operating condi- 
tions. Very.excellent steam economy is obtained 
ftom this two-still method with regard to any degree 
foil stripping. This results because reduction steam 
iS used principally in the low pressure still where 
Conditions are such as to promote the greatest pos- 
sible economy. 





In nearly all the recent recovery plants the steam 
‘Onsumption is practically limited to that used in 
the stills for reduction purposes and to that used in 
the pumps. This leaves all of the remaining heating 
Problems of the plant to be solved by the use of ex- 
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fuel 0 


Vo. 3 March, 1932—A Gulf Publishing Company Publication 


» + 








e Interior of pump house of typical vapor recovery plant showing reciprocating pumps 
butane content depending at the left and centrifugal pumps at the right. 


cess heat found in many of the refinery streams. The 
common method in this respect is to employ re- 
cycle stock or hot fuel oil from the cracking plant 
for furnishing the necessary heat for the reheaters 
and preheaters. In this connection many problems 
of regulation have had to be solved in order to secure 
the necessary control for smooth operation, a feature 
which has not existed when steam was used for these 
services. 

The simplified flow sheet shows a modern system 
of vapor recovery which in itself is self explanatory 
in that it portrays the principles already discussed. 
In this connection details such as pumps, regulators, 
etc. have been sacrificed for the sake of clarity. 

The past year has permitted a somewhat more in- 
telligent handling of vapor recovery plants from a 
design standpoint, due to the availability of frac- 
tional analyses on the various materials to be pro- 
cessed. It also represents the spread in knowledge 
of the fundamental laws governing absorption and 
distillation, and the increasing ability to apply them 
in a commercial sense. The complexity, however, of 
the hydrocarbon materials processed makes the di- 
rect application of equilibrium equation hopelessly 
involved if not impossible. No apology is therefore 
necessary at this stage of the art for the various 
empirical methods employed for calculating the num- 
ber of plates required for a given degree of separa- 
tion. As a matter of fact, the selection of the num- 
ber of plates for a new column is still based largely 
on plant experience, for as yet, no adequate method 
for making such a calculation has been published. 
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Filtrol Fractionation 


Process 


sorbents, in connection with the fractionation 

of oils through the pipe still and column, de- 
veloped by W. S. Baylis, Vice President of Filtrol 
Company of California, is detailed in the flow chart 
on opposite page. 


= use of adsorbents, especially activated ad- 


The process is designed to be continuous and to 
fractionate oils in the presence of the adsorbent, or 
while the adsorbent is mixed with the oil. It is ap- 
plicable to the single stage atmospheric unit, the 
two-stage unit, or the re-run unit. 

Referring to the flow chart the operation is as 
follows: 

Adsorptive material is mixed with a crude oil, an 
acid refined oil, or any fraction requiring further re- 
duction. Leading from a suitable source, a contin- 
uous supply of a charging stock is fed to a mixing 
device. At the same time a continuous supply of 
a suitable adsorptive agent which is preferably the 
acid treated clay known as Filtrol but which may be 
any of the other well known adsorptive clays, is fed 
to this same mixing device. The mixture is then 
passed through the fractionating unit in exactly the 
same manner as the oil itself would be passed were 
no adsorbent mixed with it. The clay settles to the 
bottom of the column with the final cut, which, as it 
leaves the column, is cooled and filtered to remove the 
clay, following which the oil is again filtered through 
blotting paper presses in order to remove the last trace 
of fines and then finally cooled. No clay passes out 
with the overhead or any of the side streams. 


The process is designed to prevent the formation of 
reaction products formed when a crude oil is fractionally 
distilled. Ordinarily, following distillation, the various 
cuts or fractions are refined by the use of acid, alkali 
and/or adsorbents. 

This process provides a method in which the oil is 
fractionated and purified at the same time, thus avoiding 
the necessity of separately treating the various frac- 
tions or greatly reducing the subsequent treatment. 

On some grades of oil it is desirable to use a very 
small percentage of free acid for expediting the purifica- 
tion of the oil. In this case, the acid is mixed with the 
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adsorbent before it is added to the oil. The acid is thus 
absorbed by the clay and being dispersed through the 
pores of the clay its action on the oil is materially in- 
creased. 

When acid is added to an adsorbent such as “Filtrol,” 
there is no reaction between the acid and the clay with 
the formation of acid salts. 

It provides a method of purifying oil more rapidly 
with less loss or waste. The capital expenditures for 
necessary changes and installation of auxiliary equip- 
ment are offset by saving in cost per gallon of the fin- 
ished product. ; 

Adding adsorbent or purifying agent to the charging 
stock before it has been subjected to fractionating tem- 
peratures prevents the formation of decomposition 
products or permits the adsorption of those which may 
be formed. 

The impure substances are adsorbed before the vapors 
are discharged from the mixture in the column so that 
the condensed fractions are already purified when they 
leave the column. The process provides for the treat- 
ment of the oil being fractionated with a purifying 
agent in both its liquid and vapor phase, that is, the oil 
is acted upon by the adsorbent in liquid and vapor phase 
as they are inter-changing with each other by alternate 
vaporization and condensation with the results all of 
the cuts and fractions are acted upon by the adsorbent. 
The press cake from the Sweetland Press will contain 
upward 50 per cent more adsorbed impurities than nor- 
mally obtained from contact operation indicating a more 
efficient use of the earth. 

Some of the advantages of the use of this method 
are the securing of lower colors than can be secured by 
a separate and subsequent treatment of the fractions 
with ordinary amounts of earth, also the securing of 
comparable colors with much less earth. The process 
permits the refining of the lighter fractions with no 
additional expense; the use of less acid where its use 
is indicated ; less oil loss in the earth; saving of labor 
and fuel oil, and production of oils of high specifica 
tions, as to stability, bloom and neutrality. 

Patent references—Nos. 1,788,653 and 1,788,654. 
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Growth of Foreign Refining 
Reducing Exports 


By GEORGE REID 
Associate Editor 





NE of the major 
factors contrib- 
uting to lowered 
crude oil consumption by 
the refineries of the 
United States during 
1932 is that of further 
decreases in exports of 


Gasoline . 


Kerosene . 


Lubricants . 


petroleum products Wax (pounds) 


brought about by the 





Exports of Petroleum Products 


65,575,000 
16,884,000 
Gas Oil and Fuel Oil. 36,450,000 

9,935,000 
292,973,000 


It is true that reduc- 
tion of exports during 
1931 were markedly in- 
fluenced by decreases in 
demand for petroleum 
products in foreign coun- 
tries, as was pointed out 
by E. B. Swanson in his 
very able analysis of in- 
fluences of foreign de- 
mand on the domestic oil 


1931 
45,832,000 
12,706,000 
29,229,000 

8,130,000 
290,526,000 


1930 








continued development 
of refining in a number of foreign countries. 

Notwithstanding an estimated increase in domestic 
consumption of gasoline of eight tenths of one per cent 
(about 6,000,000 barrels') the indicated crude oil re- 
quirements of domestic refineries shows a decrease of 
40,000,000 barrels ; which means that domestic refineries 
will process about 850,000 barrels of crude. Exports of 
gasoline are to continue decreasing, with present esti- 
mates indicating a drop of 6,000,000 barrels or more 
during 1932. This projected decrease in gasoline ex- 
ports follows a decline of 65,575,000 to 46,012,000 bar- 
rels (30 per cent) during 1931. 

The competitive foreign refining industry, rapidly de- 
veloping in countries such as France, Germany, Spain, 
England and Canada, which were formerly considered 
major export markets, effects not only gasoline but in- 
cludes continued reduction of exports of fuel oil, heavy 
distillates, kerosene and lubricants. Exports of all re- 
fined oils fell during 1931 from 132,794,000 (1930) to 
98,969,000 barrels—a decrease of 26 per cent. 

As pointed out in these columns in February, 1931? 
probably the most important trend in the economics of 
the refining industry during the past few years has been 
the continued enlargement of existing foreign refineries, 
the continued installation of new foreign refineries and 
the consistent expansion of gasoline recovery facilities 
through the installation of additional cracking units. 
This rapid development, for the most part, has been in 
those countries formerly comprising the principle export 
markets of the American refining industry. In addition, 
further expansion has been under way in the South 
American countries, Russia, Japan, Italy and India. 
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situation before the re- 
cent convention of the American Institute of Mining and 
Metallurgical Engineers.* In addition to this lowered 
consumption last year, many countries enforced the use 
of substitute fuels, and continued to develop their refin- 
ing industries. Mr. Swanson estimates that one half of 
the decrease in consumption in foreign countries may be 
attributed to lowering of demand, and the other half to 
the increased output of foreign refineries and the in- 
creased utilization of substitute fuels. 


A reduction of exports was anticipated in the separate 
reports of the Economics Committees of the American 
Petroleum Institute and the Federal Oil Conservation 
Board,* but the severity of the decline exceeded these 
estimates. Looking ahead at this time it is apparent that 
refinery development proposed or building in foreign 
countries is more than adequate for present or indicated 
future needs, and since the trend is definitely toward the 
establishment of further refining facilities, there is little 
to encourage the American refining industry to hope for 
a growing export business. 

Last year it was pointed out in these columns’ that 
the refining industry outside of the United States was 
rapidly getting itself in condition to produce about 15,- 
000,000 more barrels of gasoline annually than it had 
produced prior to that time. With present construction 
under way and proposed the industry outside of this 
country is adding about 100,000 barrels additional re- 
fining capacity from which a recovery of at least 25 
per cent or as much as 35 to 40 per cent gasoline can 
reasonably be expected. 

Gasoline exports are not alone in jeopardy inasmuch 
as construction of refining facilities has not been con- 
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fined to distillation apparatus but has included installa- 
tion of new and modern facilities for the enlargement 
of production kerosene, all types of lubricating oils, 
and greases, as well as for the production of asphalt 
and heavier distillates and fuel oil residues. Some of 
the recently established refineries have included modern 
lubricating oil manufacturing facilities and such equip- 
ment is scheduled for inclusion in some of the larger 
plants proposed or under construction. It is interesting 
to note that American scientific or technical advance- 
ment surpasses that of the foreign countries and that 
practically all of the construction work in progress is 
being handled by American engineering concerns. This 
factor, however, influences future trade with such coun- 
tries, inasmuch as the efficiency of the modernized or 
new refineries will be equal to that of American facili- 
ties and in a number of countries operating overhead is 
lowered because of cheaper labor, etc., thus lessening the 
opportunity for plants in this country to compete with 
them. 
COMPLETE READJUSTMENT 

Referring again to the analysis of Swanson® it is 
interesting to note the following: “Many influences are 
at work abroad which tend toward a complete readjust- 
ment of the world gasoline situation. Primarily, there 
has been an increasing crude oil production abroad, 
which, coupled with the expansion of refining facilities, 
permits the greater distribution and use of foreign oils 
refined in foreign countries. Increased production of 
benzol and hydrogenation of crude oil tend to restrict 
the market for refinery gasoline in certain areas. The 


compulsory mixture of alcohol has a similar influence. 

“A return to bartering procedure is shown in the 
reported efforts to exchange gasoline for goods. Com- 
plete restriction by foreign countries against imports 
of refined products is another indicator of the trend. 
Increased tariffs and taxes which tend, on the one hand 
to favor the development of local refining, and on the 
other, to limit consumption are matters of both dis- 
cussion and fact. There are state monopolies, actual and 
potential, which tend to limit free marketing. Organ- 
ization of joint marketing companies has resulted in a 
definite rearrangement of the trade links connecting 
markets with the several possible sources of supply and 
undoubtedly has strengthened the competitive influence 
of the merging groups by enabling each market to be 
served from the nearest producing area. 

“Tt is only natural that these changes should be evi- 
dent first in the principle foreign gasoline markets and 
the areas adjacent to the principle sources of supply. 
The European and Latin American markets, as a result, 
show more evidence of such readjustments than do the 
Near and Far Eastern markets. With continued de- 
velopment of foreign production and refining, the East- 
ern markets inevitably will exhibit the same tendencies.” 

Through a comparative study of available reports® ° 
covering the years 1929, 30 and 31, it is found that 
foreign refinery capacity has increased during the past 
two years, about 200,000 barrels, and that construction 
work now under way or proposed will add 100,000 bar- 
rels capacity, bringing the total to about 1,915,000 bar- 
rels per day. Table 1 indicates the number of refineries 





One of the Shell Group’s shallow-draft tankers employed in moving oil from 
Maracaibo to Curacao and Aruba. 
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TABLE 1 


Refineries in Foreign Countries 


Number 
Country— Plants 
Argentina . .. 15 
Argentina . 2-bldg. 
Argentina . 1-proposed 


18 


Australia. ... 
Austria . 
Belgium . 
British India.. 
Bolivia . os 
Capes”. ..... 2 
Chile (all very 
ee hia 
Colombia . 1 
Cuba . 
Czechoslovakia 12 
Denmark . .. 2 
Ecuador . 
Egypt . 
France . 


Germany . 
Hungary. . 
Iraq . 
Italy . 
Japan 
Latvia . 
Mexico . 
Holland . 
Dutch Last 

Indies . 
Dutch West 

Indies . 
Norway . 
Persia . 
Peru . 
Poland. ..... active 
inactive 
Roumania. .. 55 

(25 to 30 

very small) 
REN kc 47 
Sarawak . 


proposed 

Canary Is- 

lands . 
Sweden . 
Trinidad . . 
United King- 

dom (Eng- 

land) 
Venezuela 

(2 very 

small) 
Yugoslavia .. 4 


Total Re- 
fineries . 


Building or 
proposed .. 17 


(Spanish 


..360 Total 
Total 
bldg. o 
prop. . 


*Decrease. fActive plants. 


Capacity 

Barrels 
46,000 
17,500 

1,000 


4,500 
14,500 
1,870 
25,875 
350 
129,110 


500 
7,000 
2,500 
9,000 

150 

900 
7,500 

14,500 
80,000 
35,000 
7,900 
2,150 
5,500 
25,100 
500 
150,000 
6,850 


118,100 


297,000 
1,000 
95,000 
17,000 
28,500 


158,900 


400,000 
15,000 


) 5,000 
1,200 
35,550 


112,000 
29,000 


3,250 


. 1,814,955 


f 
100,000 
tCracking plant. 


Increase 
Since 1929 








in the various foreign countries, present reported total 
capacity, and the change in number of plants since 1929, 
A total of 360 plants is reported with 17 plants build- 
ing or proposed. There are 66 refineries reported this 
year which did not appear on previous reports. While a 
very large percentage of the refineries listed are of such 
small capacity as to be negligible as trade factors, their 
total capacity is impressive, and the fact remains that 
the total capacity of refineries in practically any country, 
except one or two which are rapidly developing, is prob- 
ably adequate to care for the requirements of petroleum 
products under present economic conditions. 

A study of refining facilities in individual countries 
reveals that much of the equipment is in need of mod- 
ernization, and the trend in most localities indicates that 
such construction is planned when economic conditions 
justify or permit the necessary expenditures. 

Recent additions to the refining facilities of Japan has 
been completed. A large and modern refining plant has 
but recently been completed in Mexico, two in Canada, 
two in Germany, two in France, one in Venezuela, and 
one in Italy. France plans the erection of 10 refineries, 
Spain is still considering the erection of four plants 
within its boundaries, one installation is about complete 
in Argentina, and further work is looked for in Italy 
and possibly Roumania and Poland. The Russian re- 
fining industry is, of course, steadily forging ahead with 
the erection of all types of petroleum processing fa- 
cilities. 

The many factors contributing to expansion of re- 
fining facilities in foreign countries, and thus contribut- 
ing to reduced exports of petroleum products from this 
country, have led the larger American refining organ- 
izations to establish refining works in many of the Euro- 
pean and South American countries. Thus the Ameri- 
can companies, to protect their trade in foreign market- 
ing areas have established refineries, have purchased or 
acquired partnerships, or have pooled their interests to 
form new companies, and appear in the reports as for- 
eign refiners in such countries as England, France, 
Germany, Roumania, Japan, Australia, and others, as 
well as in some of the South American countries and 
in the Dutch West Indies. 

It is apparent that the American refining industry 
can not anticipate any strengthening of foreign demand, 
and must adjust its endeavor to increasing sales at home. 
The trend toward expansion of foreign refining facili- 
ties, definitely established about four years ago is gain- 
ing momentum rather than diminishing, and there is 
little to indicate that any change may be expected soon. 
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Recent Acid Sludge Burner 
Research 


By A. W. ANDERSON* 


Peabody Mechanical Atomizers for firing refinery 

sludges in the modern steam plant of Louisiana 
Steam Products at Baton Rouge has stimulated interest 
in the economical utilization of such residues not only 
in other similar plants but also in plants where their 
combustion merely represents the disposal problem 
offered by a waste material. (Ref. & N.G.M. Vol. 10, 
No. 4, April 1931, Page 75, Burners for Firing Waste 
Fuels, R. C. Vroom). 

The Louisiana Station is an outstanding example of 
an installation where the heat produced by burning the 
sludge serves a useful purpose, and, inasmuch as the 
sludges are purchased for the plant on a B.t.u. basis, 
efficient combustion is reflected directly in decreased 
fuel costs. However, in many refineries the amount of 
sludge produced is an excess of the quantity which can 
be usefully employed and this excess in every sense is, 
therefor, a waste product. It must be disposed of as 
cheaply as possible, and the most practicable method of 
disposal is by burning it. 

An investigation into the methods that are generally 
used in the disposal of excess quantities of sludge led 
to the conclusion that a considerable reduction in operat- 
ing and maintenance costs could be made by introducing 
improvements in the fuel burning equipment. For ex- 
ample the elimination of the considerable quantity of 
auxiliary fuel which ordinarily is required in a waste 
sludge disposal plant would mean an attractive saving. 
As a result of this investigation, a series of tests was 
conducted by the author at the refin- 
ery of Richfield Oil Company at 
Watson, California, with a view to 
developing an economical burner for 
sludge incinerator service. 

The particular burner characteris- 
tics which were considered necessary 
were in the ability to handle sludges 
just as they come from the process ; 
to operate with a material reduction 
in or entire elimination of the auxili- 
ary fuel (such as fuel oil or gas) ; 
to consume the sludge without any 
Nuisance due to smoke or vapor from 
the stack. 


[r= satisfactory results obtained by the use of 


The equipment should operate con- 
*Western Manager, Peabody Engineering 
Orporation. 
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tinuously over extended periods with a minimum of at- 
tention on the part of the operator; produce a high heat 
liberation in a single burner with a low draft loss and 
maximum capacity range, and reduce furnace brick work 
and burner maintenance costs to a minimum. In other 
words, the burner must be properly designed so as to 
avoid impingement on the furnace brick work, and the 
atomizer materials must be such as to eliminate heavy 
replacement charges due to acid corrosion. By the 
avoidance of wear the proper proportions of the atom- 
izer Openings are maintained, and excessive consump- 
tion of atomizing steam is avoided. 

The burner employed for this test was a Peabody 
combined gas and liquid fuel burner (Figure 1). In this 
burner, the air for combustion in passing through the 
curved doors of the air register receives a rapid rotary 
motion before it impinges on the extended surface of 
the diverging spray of liquid fuel leaving the atomizer 
tip. This impingement of the fuel and air streams re- 
sults in complete mixture, rapid and complete combus- 
tion, and a short flame. A quick detachable coupling on 
the atomizer facilitates its removal and flexible connec- 
tions permit axial adjustment. When burning gas, the 
gas is admitted into the burner throat in a conical sheet 
from the inner periphery of the ring-shaped gas burner. 
Thus the whirling column of combustion air from the 
register is compelled to pass through this sheet and mix 
with it thoroughly before entering the furnace. 

The gas burner section was installed in the test unit 
as previous experience in firing sludges had indicated 

















YS 
SS 
Gas ns’ | SAY 
FIGURE 1 \ 
Peabody Combined Gas and Sludge Burner 
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that often a very considerable amount of gas was re- 
quired in order to assist in the combustion of the sludge 
30 as to avoid any objectionable vapor from the stack. 
Also, the gas fire provides a pilot flame to insure igni- 
tion of the sludge in case a slug of acid or water should 
be carried over from the tank and momentarily put out 
the sludge fire. As such furnaces are not watched con- 
tinually, a pilot fire generally is deemed advisable as a 
matter of safety. 

When gas and sludge are fired together in the burner 
used in the tests, the gas is driven into the sludge spray 


FIGURE 2 


Outside of furnace, showing air registers and burner mountings 


so that the two fuels leave the burner throat thoroughly 
mixed with the combustion air. This is much more 
effective than the method of mounting separate gas or 
flat flame steam atomizing fuel oil burners below the 
sludge burner for ignition purposes. The latter arrange- 
ment makes a mixing chamber of the fur- 
nace and results in slow burning and a 
greater auxiliary fuel cost. 

Figure 2 shows an outside view of the 
front of the 
for the test. 


incinerator furnace selected 
The air registers and gas 
burners are mounted on the furnace front 
with the sludge atomizers inserted through 
the hubs of the registers. The flexible con- 
nections are used for admitting sludge and 
steam to the burner. The gas piping is 
shown entering at the bottom of each 
burner. 
ing the whole furnace and the pumping 


equipment. 


Figure 3 is an outside view show- 


After heating the furnace to its normal 
temperature of about 2300° F. it was found 
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possible to fire many sludges without using any auxili- 
ary fuel at all for ignition and this resulted in a direct 
reduction in operating costs. In the original installation, 
while the amount of auxiliary gas required per barre] 
of sludge in order to obtain stable ignition and com- 
plete combustion varied with the quality of the sludge, 
it always was sufficient to represent a considerable 
item of expense. Although a small amount of auxiliary 
fuel is used for the purpose of maintaining a pilot fire 
this quantity is negligible. 

Inasmuch as it was desired to handle the sludges at 
low pressure and without treatment and 
directly as they come from the process, it 
was impossible to have them of the proper 
viscosity to permit satisfactory atomiza- 

While 


the operation of the steam atomizer is also 


tion with the mechanical atomizer. 


dependent to a certain extent upon the vis- 
cosity of the fuel, ordinarily somewhat less 


a i oe 
¥ 


fluid fuels can be handled by this method 
of firing. 

It should be noted, however, that the 
additional treatment of the fuel for use 
with the 


merely in “cutting’ 


mechanical atomizer consists 


’ the sludge with fuel 
oil, and this is amply justified in many 
cases, especially those in which the sludge 
is only part of the fuel, and in which the 
heat the 
utilized. However, it is obvious that such 


produced by combustion is 
treatment might not be advisable in the 
case of an incinerator where any fuel oil 
so used would merely be wasted to the 
atmosphere. During the tests conducted 
by the writer an atomizer was employed using steam as 
the atomizing agent. 

Numerous designs were tried both of the outside and 
inside mixing construction. After testing many of each 
type, the inside mixing design was found to be prefer- 


FIGURE 3 


View of furnace including pumping equipment 
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able both in regard to capacity and economy and the 
final design used was a modification of the Peabody 
steam atomizer and this met admirably the conditions 
laid down at the beginning of the experiments. 

Tests were run on lubricating sludge having a con- 
sistency of heavy tar as one extreme, and on lighter and 
more fluid acid oil as the other. Capacities up to 9000 
pounds per hour per burner were obtained, using mod- 
erate fuel and steam pressures. This maximum burner 
capacity of over four tons per hour is not the limit 
possible. The quantity is well beyond that for which 
the furnace was designed, and the limitation on the 
permissible heat liberation in the furnace would not 
allow operating the burner at a higher capacity. 

Like the mechanical atomizer, the steam atomizer is 
somewhat dependent upon the viscosity of the sludge. 
In other words, the maximum capacity consistent with 
good atomization and economical steam consumption de- 
pends to a certain extent upon the viscosity. Very 
heavy sludges such as lubricating sludge so thick that it 
will hardly pour at toom temperature can be atomized 
readily, but at a capacity slightly less than when firing 
a more fluid sludge. With the heavier sludges the maxi- 
mum capacity possible with economical operation can be 
increased somewhat by heating the sludge. 

The Peabody steam atomizer as finally modified for 
this service is so designed as to avoid a mixture of 
atomizing agent and fuel until the jets of steam and 
the sludge are brought together and turned into a froth 
inside of the atomizer tip. The jets are so arranged as 
to obtain the maximum penetration into the sludge with 
the least amount of atomizing steam. The froth is de- 
livered from the tip into the furnace in the form of a 
hollow conical spray expanding into the column of rotat- 
ing air from the air register. The passages in the 
atomizer are of large size so that a very dirty sludge 
will not plug the burner. 

After having established the most suitable design with 
regard to fineness of atomization, minimum steam con- 
sumption per unit of sludge fired and maximum ca- 
pacity possible under existing conditions, it became 
necessary to investigate materials which would last for 
a reasonable length of time notwithstanding contact with 
a corrosive liquid. During the tests, certain of the 
atomizer parts were made of special alloys manufactured 
for use with handling acid bearing liquids, but these 
were not found to be satisfactory. 


After considerable investigation a special material 
was found which can be used satisfactorily for the 
atomizer tip, and which is not subject to erosion or cor- 
rosion by a mixture of steam and acid sludge. The first 
tip of this construction showed no signs of wear after 
nearly three months of operation, and it is a conserva- 
tive estimate that such tips will have a life of a year or 
more. By the discovery of the corrosion and erosion re- 
sisting properties of this material, a major factor which 
has retarded the firing of sludges has been eliminated 


and an extremely economical and efficient inside mixing 
steam atomizing burner has been made possible. 

With the same general type of atomizer which was 
used with steam, a series of experiments was run when 
using gas as an atomizing medium, and the results were 
excellent. A very bright flame was obtained as the 
sludge was thoroughly mixed with the gas before enter- 
ing the furnace. Capacities representing total heat lib- 
erations approaching those obtained with the steam 
atomizing burner were found to be possible. The use 
of gas for atomizing in processes where the heat of 
combustion is utilized has a distinct advantage in that 
the heat value of the atomizing agent is made available 
in the furnace. 

These tests indicated the practicability of gas atom- 
ization at high capacities and with poor fuels wherever 
such a method of firing, due to the particular plant ar- 
rangement, is more economical than other methods. 

With acid sludge incinerators, in order to avoid a 
vapor nuisance, it is necessary to provide auxiliary air 
at or near the base of the stack. Sufficient air is ad- 
mitted at this point to keep the temperature at about 
700° F. or slightly less. At one refinery an incinerator 
using Peabody burners is provided with a thermo-couple 
connection at both the top of the furnace and in the 
stack, and a recording instrument gives a continuous 
record of the temperatures. 

The purpose of reducing the temperature of the exit 
gases is to provide a “shock chilling” effect and in this 
way reduce the SO, content to an unobjectionable 
amount. It is desirable to fire the furnace with as little 
excess air as possible, and by doing this and providing 
“shock chilling” at the base of the stack the SO, content 
will be reduced to a minimum. Any white vapor issuing 
from the stack indicates that SO, remains in the gases, 
and while this can be tolerated in certain refineries, it 
cannot be permitted if the refinery be located in a 
thickly populated district. 


It was found possible to obtain satisfactory furnace 
and smoke conditions with the Peabody burners and at 
the same time eliminate much of the difficulty and ex- 
pense which had been considered as evils which could 
not be avoided. The control of the unit is simple, and 
ordinarily adjustments to the burner are not made unless 
it is desired to change the rate of burning. The burner 
may be left in operation for a period of a month or 
more without attention of any sort. One of the diffi- 
culties which this type of atomizer eliminated was the 
deposition of coke on the furnace floor. Previously this 
meant constant attention to the furnace by the operator. 
No cleaning of the atomizer itself is necessary as the 
sludge is blown out of the burner and its connections 
before removing the atomizer from the furnace. No 
coking difficulties were experienced either in the furnace 
or the burner itself. As a result of the successful opera- 
tion of the burners used in these tests, several other 
installations are now in operation or in process of 
erection. 


3 March, 1932—A Gulf Publishing Company Publication 243 





Skimming, Cracking and _ | 
Reforming Accomplished In 
One Furnace 


By C. J. PRATT* 


IMPLICITY is the essence of modern invention. 


Economical combination of manufacturing 
steps is the progressive trend of modern indus- 
try. The 


process developed by 


petroleum refining 
Distillate Cor- 
poration, which incorporates simultaneous skimming, 


recently perfected 


Automotive 


reforming, vapor phase cracking and rerunning, was 
designed with the view to inclusion of such features. 
Industry, especially the petroleum refining industry, 
moves in more rapid cycles than’ ever before in his- 
tory. In the short span of about five years has been 
observed the transition from a general favoritism to 
straight run gasolines to a manufacturing condition 
which can be met only through the utilization of 
facilities for providing cracked motor fuels. For 
many years cracked gasolines were not acceptable to 
the purchasers of automotive fuels. This condition 
was due to first, the inability of the refiner to deliver 
an acceptable cracked product and, second, to the 


*President, Automotive Distillate Corporation. 


5. an ees 


adverseness of the purchaser to accept what he con=§ 
sidered to be an imitation of the genuine products 
During the past few years, cracked gasolines have} 
been proven to be superior automotive fuels to the 
average straight run gasoline. Cracked gasoline} 
made from ordinary crude oil charging stock prow 
duced a gasoline which, when used separately in am 
internal combustion engine, gave superior results tom 
the average straight run gasoline. It was soon founds 
that the demand for unblended cracked gasoline was} 
so great that tremendous quantities of straight runj 
gasoline accumulated due to production of crude oil 
demands. As the stocks of 
straight run gasoline accumulated, an uneconomi¢y 
condition occurred which resulted in the lowering of9 
the price of straight run gasoline. There is no rec 
ord of stocks of cracked gasoline accumulating dur-¥ 
ing the greatest overproduction period of crude oil. 
Such conditions have contributed to the necessity) 


in excess of normal 


for the modern types of cracking processes in which 
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Typical View of Double Unit Pratt Vapor Phase Cracking Process, Showing Absorption, 
Stabilizing, Chemical Treating and Rerun Units. 
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; he refiner can convert his entire output of gasoline 
nto an automotive fuel of high anti-knock charac- 
Yeristics. The work of the writer in developing the 
Pratt process for simultaneous skimming, vapor 
phase cracking, reforming and rerunning was direct- 
éd along such channels with the view to the devel- 
opment of a unit to meet the needs of current pro- 
gressiveness in modern refining technique. Based 
on long experience in the generally practiced art of 
qacking the thought and experimental work was di- 
rected toward the development of a unit to incor- 
porate such features as low installation cost per bar- 
fel of the quality of octane number gasoline pro- 
duced, also low manufacturing, maintenance, and op- 
erating labor cost. In addition all steps in the man- 
ilacture of gasoline from crude oil were combined 
by the use of a single pipe still furnace. The proc- 
ess was designed to produce high yields of anti- 
knock gasoline with the minimum production of 
saleable fuel oil, commercial dry gas and coke. 
Through utilization of a non-pressure process high 
pressure equipment expense is eliminated, and in va- 
por phase operation coke production is very low 
and no coke chamber is provided with the process. 
Coke adhering to the walls and crevices of the evap- 
orator section is negligible and normally is not a gov- 
ering factor in determining the length of the run. 
The following is a detailed description of the flow 
chart of the combination process as illustrated: 


SKIMMING OPERATION 


Crude oil is drawn through line 18 from the Crude 
Oil Charging Stock Tank by Crude Charging Pump 
2. This pump discharges the crude oil through line 
19 to the top of the Evaporator, where it is forced 
through the Refluxing and Preheating Exchanger A, 
and through line 20 into the Crude Flash Tower. The 
etude has gained sufficient heat while passing 
through the Exchanger A that on entering the Crude 
Flash Tower the lighter fractions are distilled from 
the heavier fractions. The straight run gasoline va- 
pors rise to the top of the tower while the heavier 
topped crude fractions collect at the bottom. 

In order to control the quality of the vapors leav- 
ing the top of the tower so that their temperature is 
correct for desired end-point of the finished gasoline, 
cold gas oil is pumped through the Reflux Condenser 
H. This cold gas oil is drawn from the Gas Oil Ac- 
tumulator through suction line 35 by Gas Oil Pump 
§and discharged through line 55, through line 58, 
through Reflux Condenser H, through line 56, 
through Reflux Cooler S and back to the Gas Oil 
Accumulator through line 57. 

The vapors leaving the Crude Flash Tower through 
line 21 are substantially condensed in the water- 
tooled Condenser O, from whence the condensed por- 
tions, together with the uncondensed portions, pass 
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through line 22 to the Straight Run Gasoline Separa- 
tor. 

In the Separator the liquid straight run gasoline 
collects at the bottom while the uncondensed wet 
gases pass out the top through line 23, to the Absorp- 
tion Plant. Back pressure valve 24 is located in line 
23 to maintain the proper operating pressure on the 
Separator. 

The straight run gasoline which collects in the 
bottom is discharged through line 27 to the Straight 
Run Gasoline Tank. A liquid level is maintained by 
liquid level controller 25 which actuates outlet 
valve 26. 


REFORMING OPERATION 


At an intermediate point in the Crude Flash Tower, 
a cut of heavy naphthas is taken off through line 30, 
through Cooler J and through line 31 to the Gas Oil 
Accumulator Tank. 

This fraction comprises the reforming stock which, 
when charged through the Cracking Tube Still with 
the gas oil, contributes to the production of the high 
anti-knock blending fluid. 


VAPOR PHASE CRACKNG OPERATION 


A liquid level of topped crude‘is maintained at the 
bottom of the Crude Flash Tower by liquid level 
controller 28 which actuates outlet valve 29. 

The topped crude is continually being withdrawn 
from the bottom of the Crude Flash Tower through 
line 32 by the Evaporator Charging Pump 1 and dis- 
charged through line 33, through Preheating Ex- 
changer B and through line 34 into the Evaporator 
preferably below the liquid level. This preheated 
topped crude is brought into intimate contact with 
cracked gas oil vapors which enter the Evaporator 
from the Cracking Tube Still through line 41. 

Gas oil is used as charging stock for the Cracking 
Tube Still. To start a new plant, the gas oil may be 
provided from an outside source, or may be made by 
operating Tube Still temporarily as a skimming 
unit. During periods of normal operation, sufficient 
gas oil accumulates so that no more need be pro- 
vided, either during runs or for starting subsequent 
runs. 

The gas oil charge for the Cracking Tube Still is 
drawn through line 35 by the Gas Oil Pump 6, and 
discharged through line 37, through the Gas Oil 
Heat Exchanger G, through line 38, through the Va- 
por Heat Exchanger D, through line 39, through the 
Residuum Heat Exchanger C, and through line 40 
to the heating coils of the Cracking Tube Still. The 
gas oil enters the Cracking Tube Still at a high de- 
gree of preheat gained in passing through Exchang- 
ers G, D and C. The preheated gas oil in passing 
through the heating coils of the Cracking Tube Still 
is vaporized and cracked. The vapors at a tempera- 
ture of about 1100° F. are discharged through line 
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41 into the Evaporator below the liquid level. The 
gas oil in cracking in the vapor phase is the source 
of high anti-knock blending fluid. 

These high temperature (1100° F.) cracked gas oil 
vapors enter the Evaporator in such a manner as to 
come into intimate contact with the relatively cooler, 
preheated topped crude charging stock at a tempera- 
ture of about 550° F., and residuum which is main- 
tained at about 780° F. The following occurs in the 
Evaporator: (a) The lower temperature topped crude 
charging stock is further distilled and partially 
cracked by the high temperature gas oil vapors. The 
topped crude charging stock being converted into a 
small percentage of cracked blending fluid and gas 
oil vapors, which rise to the top of the Evaporator, 
and into residuum which remains liquid in the bot- 
tom of the Evaporator. (b) The topped crude charg- 
ing stock and cooling gas oil admixture condenses a 
portion of the high temperature cracked gas oil va- 
pors from the Tube Still. These condensed vapors 
collect in the bottom of the Evaporator as residuum 
while the blending fluid vapors, recycle distillate gas 
oil vapors and fixed gases pass out at the top of the 
Evaporator. 

To more closely control the conditions inside the 
Evaporator a reflux of cold gas oil is drawn from the 
Gas Oil Accumulator through line 35 and is dis- 
charged by Gas Oil Pump 6 through line 36 into 
the Evaporator below the liquid level. 

A liquid level of residuum is maintained near the 
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bottom of the Evaporator by liquid level controller 
42 which operates the residuum outlet valve 43 at the 
bottom of the Evaporator. 

The residuum which is constantly being drawn off 
through line 44 passes first through the Residuum 
Heat Exchanger C where it gives up some of its heat 
to the incoming gas oil charge, then through line 4) 
through Residuum Cooler Q and through line 46 ir 
the Residuum Storage Tank. 

The commingled distillate gas oil and_ blending 
fluid vapors together with fixed gases pass up to the 
top of the Evaporator, heating enroute the topped 
crude charging stock in the Preheating Exchanger } 
and the crude oil in Exchanger A. The vapors art 
thereby cooled to a temperature of about 700°F. 
These commingled vapors are discharged throug 
line 47, into the Vapor Heat Exchanger D, where 
part of their heat is given up to the gas oil charging 
stock for the Cracking Tube Still. The vapors att 
reduced in temperature so that some of the heavie! 
gas oil fractions are condensed. This condensed gas 
oil, together with the remaining vapors, flow from 




































the Heat Exchanger D through line 48 into Bubble 
Tower at a point near the bottom. 

In the Bubble Tower the blending fluid vapors 
main in a vaporous state and pass out the top 
gether with any fixed gases while the heavier gas al! 
and distillate fractions condense and are drawn of 











the bottom. The temperature of this condensate, © 
ferred to hereinafter as gas oil, is about 530° F. 
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The liquid level controller 49, by operating valve 
50, maintains a constant level of gas oil condensate 
at the bottom of the Bubble Tower. As the gas oil 
is discharged from the Tower, it flows through line 
51 to the Absorption Plant where it heats Reboiler 
U and Preheater V and to the Stabilizing Plant 
where it heats Reboiler Kettle DD. The gas oil 
then returns through line 52 passing through Gas Oil 
Heat Exchanger G, where it gives up most of its re- 
maining heat to the cold incoming gas oil charge for 
the Cracking Tube Still, through line 53 to the Gas 
Oil Cooler T, thence through line 54 to the Gas Oil 
Accumulator. 

In order to control the quality of the vapors leav- 
ing the top of the Bubble Tower so that their tem- 
perature is around 300° F. either cold gas oil is 
pumped through the Reflux Condenser F or treated 
blending fluid is pumped through Refluxing and Pre- 
heating Exchanger E, or both. Exchanger F would 
only be used at times when no treated blending fluid 
is being re-run. It is understood that a single heat 
exchanger might be used and either gas oil charging 
stock or treated blending fluid pumped there through. 

The vapors leaving the Preheating Exchanger E 
through line 60 are substantially condensed in the 


water cooled Blending Fluid Condenser P from 
whence the condensed portions, together with the un- 
condensed gaseous vapors, pass through line 61 to 
the Raw Blending Fluid Separator. 


In the Separator the liquid blending fluid collects 
at the bottom while the wet gases pass out the top 
through line 62 and line 23 to the Absorption Tower. 
Back pressure valve 63 is located in this gas line so 
as to maintain the proper pressure in the Separator. 
This pressure is employed as a mechanical means of 
discharging liquid condensates in various parts of the 
system to storage and is not a necessary adjunct to 
the cracking operation. The raw blending fluid which 
collects in the bottom of the Gas Separator is dis- 
charged through line 66 to the Raw Blending Fluid 
Tank. A liquid level is maintained in the Separator 
by the liquid level controller 64 which actuates out- 
let valve 65. 


ABSORPTION PLANT 


The wet gases from the Separators flowing through 
line 23 together with wet gases from the Stabilizing 
Plant flowing through line 113 enter the Absorption 
Tower near the bottom. The gases on rising pass 
through a counter current flow of absorption oil, 
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which by intimately contacting with the wet gas, ab- 
sorbs substantially all the blending fluid vapors. The 
fixed gases rise to the top of the Absorption Tower 
and are discharged through line 67 to the Gas Scrub- 
ber which separates any liquid condensate entrained 
in the gas. The dry gas flows out the top through 
line 68 to the Cracking Tube Still Furnace, or other 
fuel consuming devices, to be used as fuel. Any liquid 
collecting at the bottom of the Gas Scrubber is from 
time to time drawn off. 

The rich absorption oil (viz., the absorption oil 
with the absorbed blending fluid from the wet gases) 
accumulates at the bottom of the Absorption Tower 
from whence it is discharged through line 71 to the 
Weathering Tank. A liquid level of rich absorption 
oil is maintained at the bottom of the Absorption 
Tower by a liquid level controller 69 which operates 
the outlet valve 70. 

From the Weathering Tank the rich absorption 
oil is withdrawn through line 72 by the Rich Absorp- 
tion Oil Pump 10 and discharged through line 73, 
through Pressure Exchanger Y, through line 74, 
through Gravity Exchanger W, and through line 75 
into the De-gasifier. Sufficient heat is gained by the 
rich absorption oil in flowing through Exchangers Y 
and W to vaporize some of the lighter fractions. 
These vapors with the liquid enter the De-gasifier 
where the vaporized fractions separate from the 
liquid. The vapors are discharged out the top through 
line 78 into the Fractionator as regulated by valve 77 
which is actuated by liquid level controller 76. The 
remaining rich absorption oil collects at the bottom 
of the De-gasifier and flows through line 79 to the 
Preheater V and then through line 80 into the Frac- 
tionator. In Preheater V the rich absorption oil is 
heated by the hot gas oil coming from the Reboiler 
U through line 84 and passing back to the Cracking 
Unit through lines 85 and 52. 

In the Fractionator the preheated rich absorption 
oil is separated into raw blending fluid vapors which 
rise to the top, and lean absorption oil which remains 
in a liquid state and collects at the bottom. Some of 
the heavier fractions of the blending fluid which have 
been entrained in the down flow of the Fractionator 
are trapped off and flow through line 81 into Reboiler 
U. Here the oil is further heated by hot gas oil 
which flows from the bottom of the Cracking Plant 
Bubble Tower through line 51 and line 83, through 
the Keboiler U and out through line 84 to the Pre- 
heater V. 

The lean absorption oil now free of its entrained 
blending fluid vapors is discharged from the bottom 
of the Fractionator through line 86, through Gravity 
Exchanger W and through line 87. The Absorption 
oil Pump 9 then forces the oil through line 88 and 
through Pressure Exchanger Y, where it gives up 
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more of its heat to the incoming rich absorption oil, 










































through line 91, to Oil Cooler Z. Here it is further §7 
cooled by indirect heat exchange with water, and 
then forced through line 92 and discharged back into 
the top of the Absorption Tower. In order to con- 
trol the level of the Absorption oil in the bottom of 
the Fractionator, a liquid level controller 89 actuates 
a valve 90 in discharge line 88 of the Absorption Oil 
Pump 9. A make-up tank, not shown on the flow dia- 
gram, is usually connected to the pump suction line 
87 in order to maintain the proper amount of absorp- 
tion oil in the system at all times. This make-up 
tank also is a reservoir for absorption oil when sys- 
tem is drained. 
The blending fluid vapors issuing from the top of 
the Fractionator pass through Mist Extractor 93 and 
through line 94 to the Condenser X where they are 
substantially condensed by indirect heat exchange 
with water, and flow as liquid through line 95 to the 
Receiver. i 
The liquid blending fluid collects at the bottom of ’ 
the Receiver, while any uncondensed gases flow out % 
through line 96 and line 113 to the bottom of the Ab- I 
sorption Tower. wh 
From the Receiver the raw blending fluid is with- §"® 
drawn through line 97 by Reflux Pump 8 and dis- § ‘*P 
charged through line 98, a portion going to the top whe 
of the Fractionator through line 102 and the remain- an 
der through line 104 to the Raw Blending Fluid es 
Tank. The amount of blending fluid withdrawn from §” 
the Receiver is controlled by valve 100 placed in the the 
discharge line 98, this valve being actuated by a the 
liquid level controller 99 which is connected to the the 
Receiver. The valve 103 placed in line 104 to the a 
Raw Blending Fluid Tank is controlled by a thermo J '"° 
stat placed at the top of the Fractionator and regu- = 
lates the amount of blending fluid reflux which will a 
be forced back into the Fractionator through line je” 
102. The pressure in the Fractionator being greater the 
than the pressure in the Raw Blending Fluid Tank, fs 
the check valve 101 is required in line 102. = 
tains 
STABILIZING PLANT Th 
The raw blending fluid is withdrawn through line bottc 
105 from the Raw Blending Fluid Tank, by Charging disch 
Pump 11 and discharged through line 106 through 





Wher 
Heat Exchanger BB, through line 107 into the Rec- raw 


tifier Column. Due to the preheat imparted by Heat 4, 
Exchanger BB, the raw blending fluid enters the Rec By, 
tifier Column partly in a liquid and partly in a vapor Bithe p 
ous state. actua 

The liquid portion flows to the bottom of the Rec 

tifier Column and into the Reboiling Kettle DD 
through line 108, it overflows back into the Rectifier Th 
Column through line 109. In Kettle DD all of the Stora 
undesired light entrained gases are driven off. Hea! and : 
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is furnished the Kettle DD by hot gas oil flowing 
irom the Cracking Plant Bubble Tower, through line 
jl and returning through line 52. 

From the top of the Rectifier Column the gases 
which have been fractionated out of the raw blend- 
ing fluid together with some entrained blending fluid 
vapors flow through line 110, through Condenser AA, 
where the blending fluid vapors are condensed by in- 
direct heat exchange with water, and then into the 
Accumulator. Any excess liquid collecting in the Ac- 
cumulator passes out through line 113 and through 
the Steam Jacket where it is vaporized, and then to 
the bottom of the Absorption Tower. The gases in 
the Accumulator separate from the liquid and pass 
out through line 111 through the Steam Jacket into 
line 113 to the bottom of the Absorption Tower. 
Some of the liquid is withdrawn from the bottom of 
the Accumulator through line 116 by the Reflux 
Pump 12 and discharged through line 117 back into 
the top of the Rectifier Column to control the tem- 
perature at that point. A liquid level is maintained in 
the Accumulator by liquid level controller 114 which 
actuates valve 115. Back pressure valve 112 main- 
tains the proper pressure in the Stabilizing Unit. 

The liquid stabilizer blending fluid collects at the 
bottom of the Rectifier Column from whence it is 
lischarged through line 118 to Heat Exchanger BB 
where it imparts some of its heat to the incoming 
taw blending fluid, then through Cooler CC and 
through line 121 to the Stabilized Blending Fluid 
Tank. A liquid level is maintained at the bottom of 
the Rectifier Column by a liquid level controller 119 
actuating a regulating valve 120. 


TREATING PLANT 


The stabilized blending fluid is drawn from its 
Storage tank through line 122 by Charging Pump 13 
ind is discharged through line 124 into the Acid Re- 
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action Tank. Acid is introduced through line 123 
into the suction line 122, and mixed with the blending 
fluid as it enters the pump. The device for forcing 
the acid into the line 122 is not shown on the flow 
chart, but it may be accomplished by a proportionat- 
ing pump or tank under air pressure with valve and 
meter. The Charging Pump 13 is a multistage cen- 
trifugal pump in which the acid and blending fluid 
are intimately mixed together before discharging 
through line 124 to the Acid Reaction Tank. 


In the Acid Reaction Tank the mixture of acid and 
blending fluid is allowed time to complete chemical 
reaction. Recirculating Pump 14 withdraws the mix- 
ture from the bottom of the Acid Reaction Tank and 
discharges it back through line 125 in at the top, 
thereby keeping the contents of the tank in agitation. 

From the Acid Reaction Tank the mixture flows 
through line 126 to the Centrifuges where the blend- 
ing fluid is centrifugally separated from the acid 
sludge which has formed by chemical reaction. The 
acid sludge passes through line 127 to the Sludge 
Acid Tank. The blending fluid passes to Header 128 
into which caustic is sprayed in predetermined 
amounts. The caustic enters the Header through 
line 129. The device used to force the caustic into 
the Header is not shown on the flow diagram but 
would be similar to that used for the introduction of 
the acid as mentioned above. 

From the Header 128 the blending fluid mixed 
with caustic solution is withdrawn by Booster Pump 
15 and discharged through line 130 into the bottom 
of the Caustic Reaction Tank. The Recirculating 
Pump 16 withdraws the caustic-blending fluid mix- 
ture from the bottom of the Caustic Reaction Tank 
and discharges it through line 131 back into the top 
thereby keeping the contents of the tank in agitation. 

From the Caustic Reaction Tank the mixed blend- 
ing fluid and caustic is discharged through line 132 
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to the Settlers, and through line 133 to the final Caus- 
tic Separator. The caustic having neutralized the ex- 
cess acid drops out of suspension in the Settlers and 
Caustic Separator leaving the treated blending fluid 
to be drawn off through line 134 by the Pump 17 and 
discharged through line 135 to the Treated Blending 
Fluid Tank. 


RERUNNING OPERATION 


The treated blending fluid is withdrawn from its 
storage tank through line 136 by Feed Pump 3 and 
discharged through line 137, through Heat Exchang- 
er M, through line 138, through the Bubble Tower 
Reflux Condenser E, through line 139 into the Pri- 
mary Re-run Tower near the bottom. In passing 
through these two Exchangers, sufficient heat has 
been gained to vaporize the lighter portion of the 
blending fluid. These blending fluid vapors pass up 
the Tower and out the top through line 140 to the 
Heat Exchanger M where they give up part of their 
heat to the incoming cold treated blending fluid and 
then pass to the water-cooled Condenser N where 
the remaining vapors are condensed. The finished 
blending fluid collects at the bottom of the Primary 
Tower Separator while any non-condensable gases 
pass out the top through line 141 and line 23 back to 
the Absorption Plant. A back pressure valve is 
placed in line 141 to maintain proper pressure on the 
‘Tower. 

A liquid level is maintained in the Separator by 
liquid level controller 142 which actuates outlet valve 
143 in line 144. The finished blending fluid is drawn 
through line 144 by Pump 4 and discharged either 
through line 146 to the Finished Blending Fluid Tank 
or through line 145 to the top of the Primary Re-run 
Tower, acting as reflux to control the temperature 
at that point. 

The heat imparted to the blending fluid by Ex- 
changers M and E vaporizes only a portion of the 
total charge to the tower, the remainder being liquid 
collects at the bottom of the Tower. A liquid level 


° 


of this heavier fraction is maintained by liquid level 
controller 147 which actuates outlet valve 148. Due 
to the pressure difference between the Vacuum and 
Primary Re-run Towers, the liquid which collects 
at the bottom of the Primary Re-run Tower is dis. 
charged through line 149 into the Vacuum Re-run 
tower. In this tower the remaining blending fluid is 
vaporized and passes out the top while the heavy 
polymerized portions fall to the bottom. In the bot- 
tom a Reboiler K furnishes sufficient heat to drive 
off any blending fluid which is carried down with the 
heavy fractions. These bottoms are withdrawn 
through line 152 by Re-run Bottoms Pump 7 and are 
discharged through line 153, through the Cooler R 
and, through line 154 to the Gas Oil Accumulator. 
A liquid level is maintained at the bottom of the 
Vacuum Re-run Tower by liquid level controller 150 
which actuates outlet valve 151. 
Heat is furnished to Reboiler 

oil flowing from the bottom of the 
through lines 51 and 155 and returning through lines & 


K by hot gas 
3ubble Tower 


156 and 52. 

The finished blending fluid vapors pass out the top 
of the Vacuum Tower through line 157 through Con- 
denser L into the Gas Separator. The uncondensed 
gases pass out the top of the Separator through line 
158 through the Steam Vacuum Producing Jet 15! 
and through line 160 into the Primary Re-run Tower. 

The Steam Jet 159 provides the means for main- 
taining a vacuum in the Vacuum Re-run Tower. 

The liquid finished blending fluid which collects in 
the Vacuum Tower Separator is withdrawn through 
line 163 by Pump 5 and discharged either to the Fin- 
ished Blending Fluid Tank through lines 164 and 146 
or through line 165 to the top of the Vacuum Re-run 
Tower as reflux. A liquid level is maintained in the 
Vacuum Tower Separator by liquid level controller 
161, which actuates outlet valve 162. 

The finished blending fluid tank now contains 4 
high anti-knock gasoline which may be blended with 
straight run gasoline to produce a product of desired 
quality. 


° 


Elevation of Double Combination Unit of Pratt Process 
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The Rectification of Natural 
Gas Condensates 


LARGE part of the ef- 
ficiency of natural 
gasoline extrac- 


tion plants is dependent 
upon the efficiency of the 


| rectifying system for the fi- 


nal products. It is one thing 


to “stabilize” a natural gaso- 


line to meet specifications, 
but that is not the whole 
story. The object should be 
to have a maximum yield 
within the limits of specifi- 
cation. A stabilizing system 
may be turning out a per- 
fectly good product at the 
sacrifice of 10 to 20 per cent 
efficiency or more. Such 
conditions have not been un- 
usual. 

It should be a fairly easy 
matter with the present de- 
velopments in _ analytical 
procedure to obtain a check 
on plant operation and from 
the analysis to estimate 
what changes or expendi- 


By I. N. BEALL 








HIS constitutes the second of a 
/ series of articles by Mr. Beall on 
the general subject of rectification 
of natural gas condensates. In the intro- 
ductory article in February was discussed 
the principles of fractionation as they ap- 
ply to the stabilizer or rectifying column. 
In this article the work is carried for- 
ward to include discussions of vaporiza- 
tion, condensation, the function of re- 
flux, heat requirements of vaporization, 
application of various equations, and 
touches on the details of column design. 
Next month the third part of this series 
will discuss application of these and 
other equations, methods for calculating 
the number of plates in a column, the 
number of columns required and the 
points of feed to be used. This series 
has been prepared in answer to numerous 
requests from men in the refining and 
natural gasoline industry engaged in the 
design and operation of high pressure 
rectification equipment. The material 
presented is applicable for the most part 
to problems in rectification as they apply 
in both the refinery and the natural gaso- 
line plant. 








In low pressure columns the 
distillate from the column 
is not condensed but passes 
off as waste vapors from the 
column. The vapors from 
high pressure columns may 
or may not be condensed 
but as a rule they are at 
least partially condensed 
and all or part of the con- 
densate returned to the col- 
umn as reflux. The vapor- 
ization is effected by pre- 
heating before passage to 
the column and by a reboiler 
or a kettle at the bottom of 
the column. As a rule there 
is more than one feed plate 
so that the point of feed may 
be either raised or lowered. 


VAPORIZATION 
The balance between the 
amount of vaporization be- 
tween the feed as it enters 
the column and that which 
takes place in the kettle is 


tures are warranted. Off-hand opinions are as a rule 
valueless, the element of guesswork in both design 
and operation should be eliminated so far as possible. 
Theoretical analysis based upon a knowledge of the com- 
position and quantity of the raw stock and the com- 
position and quantity of products is by no means 
perfect, yet it offers the only means for avoiding the 
tlement of chance and in general is sufficiently ac- 
Curate for most engineering calculations. In other 
words theoretical analysis brings the solution of rec- 
tification problems within narrow limits so that the 
final touches are relatively easy and may be made 
with a minimum of time and effort. 


TYPES OF RECTIFYING COLUMNS 
Rectifying columns for natural gasoline plants 
may be broadly classified as: 
1. Low pressure—low temperature columns. 
*. High pressure columns. 
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of importance. The two extremes would be where 
there was no vaporization at the feed, all taking place 
in the reboiler or where all the vaporization was at 
the feed and no reboiler was used. Of the two ex- 
tremes the former would be preferable. The func- 
tion of vaporization at the feed plate is to divide the 
load between the stripping section and the fraction- 
ating section of the column. The amount of vapori- 
zation which takes place when a liquid mixture is 
heated can be predicted with a fair degree of accu- 
racy from the heat input. Saturated steam is as a 
rule used for the heating medium and the heat input 
may be estimated from data given in steam tables. 
The amount of heat input obtained and the econo- 
mies effected by heat exchanges may also be cal- 
culated. 

The amount of vaporization is approximated from 
the heat input and the molal heat of vaporization. 
The molal heat of vaporization changes with the 
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pressure on the system decreasing with increase of 
pressure. Suppose for example that steam at five 
pounds gauge (20 pounds abs.) is being fed to the 
reboiler of a column at the rate of 300 pounds per 
hour and the temperature of the steam condensate 
leaving the reboiler is 180°F. The temperature of 
saturated steam at five pounds gauge is found from 
the tables to be 228°F. The latent heat is also found 
to be 886 B.t.u. per pound of steam condensed. The 
specific heat of the condensate may be taken as 1. 


(228° — 180°F.) 1,000 300 Ibs. per hr. = 14,400 B. t. u. 
886 X 300 = 265,800 B. t. u. 
Total heat input to kettle = 280,200 B. t. u. 

per hour. 
Let it be supposed that the column is operating at 
225 pounds gauge at which temperature the average 
molal heat of vaporization may be taken as 8400 


B.t.u. As a first approximation 


280,200 
“23400 — 33.4 mol pounds per hour. 


This figure neglects the heat required to raise the 
temperature of the liquid to boiling temperature 
the superheat of vapors and that lost by radiation 
from the apparatus. In general the two will not ac- 
count for more than 15 per cent of the total heat 
input, 33.4  .85 == 28.4 pound-mols, vaporized per 
hour as a minimum. The volume of the vapors in 
cubic feet may then be approximated for the condi- 
tions within the column at the reboiler. Let us say 
the average temperatures of the vapors is 175°F and 
the pressure as given 225 pounds gauge or 240 
pounds absolute. 

(460 + 175°F.) X (15 X 359 cu. ft. 
460 « 15 

of vapors generated. 


mol vol.) * 28.4 





=880 cu. ft. 


CONDENSATION 


It will be assumed that the column has an over- 
head reflux condenser which returns a partial con- 
densate as reflux to the column. Furthermore the 
assumption is made that water is used as the cooling 
medium. Suppose that the calculations based on the 
quantity and composition of the distillate which is 
to be allowed to pass from the column have been 
made and that these vapors amount to 12 pound 
mols per hour. The amount of vapor to be con- 
densed is then 

28.4 — 12 = 16.4 pound mols. 
The heat to be abstracted is then 
16.4 X 8,400 = 137,760 B. t. u. 
to affect condensation. If the effective condenser 
temperature is to be held at 95°F. and water is avail- 
able at 80° F. and the arrangement is such that water 
will leave at 90°F., the amount of water required 
will be 
137,760 
8.34 gal. x 10 


The amount of water to be circulated through the 


= 1,650 gal. per hour. 
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reflux condenser is high due to the smail tempera- 
ture difference between the vapors and the water, 

Part of the vapors rising from the top plate of the 
column are at the dew point and in passing through 
the condenser are further cooled, producing a partial 
condensate. Lowering the temperature of the reflux 
condenser will produce a more copious condensate 
of higher average volatility. A fractional analysis 
should be periodically made of vapors leaving the 
column, and the reflux temperature and the operat- 
ing pressure adjusted accordingly. A certain amount 
of cooling takes place in the uncondensed vapors so 
that the quantity has to be taken into account when 
calculating the amount of reflux on the basis of the 
B.t.u. abstracted by the cooling medium. 


FUNCTION OF REFLUX 


The necessity for reflux may be illustrated rather 
simply. Assume for example a mixture of hydro- 


carbons of the following composition 


Mol 
Per Cent MolWt. Fraction (3) x (4) 


13.2 
11.6 


Hydrocarbons 
Propane . 44 a 
Isobutane . 58 2 
Butane . 38 a 
Average Mol Weight.. 

1 Mol = 53.8 pounds. 

Suppose further that this mixture is being heated 
continuously in a vessel with a reboiler and reflux 
condenser only and a pressure is maintained on the 
system of 30 pounds gauge (45 pounds abs.). It is 
desired to separate as much of the propane as pos- 
sible and in as pure state as possible from the muix- 
ture. The vapor pressure of the mixture at a ten- 
perature at which the vapor pressure of the isobt- 
tane, butane mixture equals the operating pressure 
is calculated as follows: 


0. 


= (0.286 mol fraction ot isobutane on 100% basis. 


+, = 0.714 mol fraction of butane on 100% basis. 
The problem now is to find the temperature @ 
which a liquid mixture consisting of 28.6 per cel 
isobutane and 71.4 per cent butane will have a vapor 
pressure of 45 pounds absolute. A rather accurate 
method for doing this is to plot partial vapor pres 
sure curves for isobutane and butane on the samt 
chart by taking the values of 0.286 (IP), and 0.71! 
P, and finding a temperature point where 0.286 (IP), 
0.714 P, = 45 pounds. This may be done easily by 
trial using a straight edge. Note (IP), = vapo 
pressure of isobutane and P, = vapor pressure 0 
butane. This will be found to be about 83°F. The 
vapor pressure of the original mixture at 83°F. s 
calculated: 

Vapor pressure of Propane at 83° F. = P; = 149.5 Ibs 
Vapor pressure of Isobutane at 83° F. = (IP),= 572 Ibs 
Vapor pressure of Butane at 83° F. = P,= 3881s 

149.5 &K 0.3 = 44.85 

57.2 X 0.2 = 11.44 

38.8 X 0.5 = 19.40 

Vapor pressure of Mix == 75.69 Ibs. abs. at 83 F. 
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149.5 Ibs 
57.2 lbs 
38.8 Ibs 


Vaporization will occur if the pressure is lowered 
below 75.69 pounds or the temperature raised above 
93°F. Heat must be added to effect the vaporiza- 
tion. The quantity of heat added will determine 
how much vaporization will take place and similarly 
the amount of heat abstracted will determine the 
amount of condensation. A method for calculating 
the heat required for vaporization will be discussed 
later and also the method for calculating the com- 
position of residue and distillate for simple distil- 
lation. 

Taking the propane and isobutane together as 100 
mols, it is desired to find what amount of residue 
isobutane will remain when the propane is, for ex- 
ample two per cent. The Rayleigh equation com- 
bined with Raoults Law in the integrated form is 


W2 1 X1 X2— 1 
In — = ain —-4- In ) 


W1 a—] Xe xX1— 1 








where w:i=> weight of original mixture 
w:=— weight of residue 


(IP). 
= 0.382 


a= volatility ratio in this 





Ps 
x = the initial fraction of propane 


x2 = the initial fraction of isobutane 











We 1 0.6 0.02—1 
In SS aes Oar Bn + In——— 
100 —:0.382—1 0.02 0.6—1 
W2 1 
+s = 0.382 In 30 + In 2.45) 
100 —0.618 
1 





= (0.382 & 3.4012 + 0.8961) 
618 


2.201 





— 0.618 


w: — 2.8 mols 


Only 2.8 mols of the original 100 mol mixture 
propane and isobutane of which two per cent will be 
propane and 98 per cent isobutane. The original 
proportions were 100 mols of mixture, between va- 
por and liquid would be: 


ae Per Cent 

Liquid Mols Vapor Mols in Vapor 
Propane 0.056 59.944 61.7 
Isobutane 2.744 37.256 38.3 


But the original mixture also contained butane so 
it will be necessary to revert to find out what has 
lappened while the propane and isobutane were 
being vaporized. 

The original mixture contained 20 per cent isobu- 
‘lane and 50 per cent butane. On the basis of 200 
mols the mix would be to start 


Mols Mols 
vaporized remaining 
Propane 60 mols 59.944 0.056 
Isobutane 40 mols 37.256 2.744 
Butane 100 mols unknown 


The ratio of isobutane to butane in per cent is 
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28.55 per cent isobutane to 71.45 per cent butane, 
Of the original isobutane 
2.744 X 100 


40 

remains. The percentage of butane remaining of 
the original can be secured from a chart constructed 
as discussed later under the Rayleigh equation. Thus 
the liquid and vapor compositions and the amounts 
of each may be determined and the composition and 
amount of reflux determined from the condenser 
temperature by methods already given. 


= 6.86 per cent 


HEAT REQUIRED FOR VAPORIZATION 


The Nernst semi-empiric equation offers the best 
means for calculating the latent heat of vaporization. 
This equation may be written as follows: 








T; Tz P P; 

Mr = 1.985 1 — In — 

T; —T; re P; 

where M = Molecular weight of compound 
r = latent heat of vaporization per pound mol 


1.985 = the gas constant R 
T, T:etc.= Temp. in °F. abs. (460+ t) correspond- 
ing to the vapor pressures P; and P: from 
the vapor pressure curve 


Pc = critical pressure in absolute units 
P,, P2, etc. = vapor pressures in mm. of Hg. pounds 
or atmospheres on the absolute scale 


P, + P: 
P, =the arithmetic mean 
2 


In = natural or hyperbolic logarithm. 


Where accurate vapor pressure curves are avail- 
able and the temperature readings T, and T, are 
taken close together the heats of vaporization may 
be calculated with an accuracy equal to those de- 
termined experimentally by use of the calorimeter. 
It will be noted on inspection that when P = Pe in 


ere 
| ppg 
P, 


Mr, the molal heat of vaporization becomes zero, a 


the expression 


result which may be checked experimentally. In 
reality Mr becomes zero at a point about 11° F. be- 
low the critical point. By setting up a number of 
equations from the P and T values of the vapor pres- 
sure and solving for Mr it will be found that Mr 
decreases continuously as the pressure increases. 
From values so derived a curve Mr vs T or Mr 
versus P may be plotted. 

By way of illustration the molal heat of varopiza- 
tion of 2 — methyl butane (isopentane) is calculated 
in B. t. u. The vapor pressures and corresponding 
temperatures were taken from a chart “Vapor Pres- 
sure of Hydrocarbons” by Brown, Coats and Badger 
and the critical pressure P,, from readings at 80° F. 
and 90° F. corresponding to vapor pressures of 720 
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and 880 mm respectively. Critical pressure 25000 


mm. abs. 
550 540 800 
Mee 1988 | 5 
(1) ‘ ( 10 )( 25000 


=1.985 & 272700 * 90.968 0.1996 
=10,450 B.t.u. or as the molecular weight of 
2— methylbutane is 72.10—M 


Mr 10,450 
(a) —=——= 145 B.t.u. per pound at 800 mm and 85 F. 
M 72.10 


At 140°F. and 150°F. corresponding to 2020 mm and 2350 mm 
610 600 2185 
2) Mr=1.985{ — 1— log 
ee See s( 10 )( Shas) 


And again at 300°F and 310°F. corresponding to 13,500 mm 
and 14,750 mm. 


880 
log —— 


720 


2350 











2020 











770X760 14125 4750 
(3) Mr = 1.985{ — 1— log —— = 4360 
10 25000 4080 
4360 
or = 64 B.t.u. per pound 
72.1 


= latent heat of vaporization per pound of isopen- 
tane at 14,125 mm or 273 pounds absolute, 258 
pounds gauge. 
It is apparent from the three equations given how 
the heat of vaporization decreases on increased pres- 
sure. 

The molal heat of vaporization for the hydrocar- 
bons are not the same for corresponding tempera- 
tures. For example isobutane, critical pressure 
== 27750 mm. Take vapor pressure readings at 80° F. 
and 90° F. as in equation No. 1 for isopentane. The 
respective vapor pressures for isobutane at the tem- 
peratures are 2800 mm and 3270 mm. 


3270 
log 
2800 


3035 
(4) Mr = 1985 X 272;700 x(1-= : 


27750 








7370 
= 127 B.t.u. per pound of isobutane vapor- 
58 ized at 85 F. and 588 pounds absolute. 


(a) 


r=—- 





It is evident from the foregoing that the heats of 
vaporization may be computed for as many points as 
desired on the vapor pressure curves which are 
available for the various hydrocarbons. With these 
computed values curves for Q vs T and Q vs p may 
be drawn on some easily readable scale. The larger 
the graph the easier and more accurate the reading 
will be. 

_If the amount and composition of the material 
fed to the column is known together with the 
amount and composition of the bottom product, the 
amount and composition of vapors leaving the col- 
umn and the amount and composition of the reflux 
fed back, this then is all the data necessary for judg- 
ing the performance of the apparatus. The major 
problem is to determine from an analysis of the feed 
material and its quantity over a given period what 
the design of the column should be together with its 
method of operation. Questions pertaining to the 
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= 10,030 B.t.u. 


= 7370 B.t.u. 





number of plates, what plates shall be feed plates 
heating surface for preheaters, heat exehangers, re 
boilers and condensers, the reflux ratio, operating 
temperatures and pressures can only be answered 
by theoretical mathematical anaylsis based on quan- 
titative material and product analyses. 


APPLICATION OF RAYLEIGH EQUATION 

The Rayleigh equation may be of great assistance 
to the designing engineer as well as the plant opera- 
tor. This equation enables one to predict what the 
composition ot the vapors and what the compo- 
sition of the liquid will be at any point in a 
simple distillation for any two components ina 
liquid mixture. It is only necessary to know the ini- 
tial concentration of the two components in the mix- 
ture. The accuracy of the calculations by this equa- 
tion check well with the experimental results for 
such substances as the natural gas hydrocarbons, 
Combined with Raoults Law, the integrated equa- 
tion is written 


We 1 X1 X:— |} 
In—= In + In 
Wi a— ] Xe X1— 1 
where: 


Ww: = weight of residue (taken on basis of 100 mol 
per cent) 
WwW: = weight of distillate (taken on basis of 100 mol 
per cent) 
a= volatility ratio of less volatile to more volatile 
constituent 
X1, Xz, etc = respective mol fractions in the liquid being dis- 
tillate at points of comparison. 
(Reference, Lewis and Robinson, J., I. E. C. Vol. 14, page 
482, June, 1922.) 








As illustration: A sample fraction from a_ wild 
natural gasoline contains butane and isobutane in 
the ratio of 60 per cent butane and 40 per cent iso- 
butane (mol per cent basis). It is desired to find 
how much of the original sample will remain when 
the isobutane fraction has dropped from .400 to 0.100. 














At 80° F. the respective vapor pressures of butane 
and isobutane are found to be 1900 and 2800 mm 
fae ot: - 1900 es 
th of J a J |: ] t [ ti —_—_—_—_— = 0.6: 3 
which gives a volatility ratio 2300 3) 

Then 
W2 1 1n 0.4 0.1—16 
In = ——— | 0.653 + 1n ————— 
100 0.653 — 1 0.1 0.4— 1.0 
100 
or We = = '29.7 per cent. 
RE 


This states that when the composition of the rest 
due reaches 90 butane and 10 per cent isobutane om 
a molal per cent basis only 29.7 per cent of the orig: 
inal sample remains as liquid in the system. In the 
above example the weight basis and the mol basis 
are the same as there is no difference in moleculat 
weight between butane and isobutane. As the calcu 
lations are rather tedious, where the composition of 
the residue and distillate are desired for every point 
of the distillation a curve, which is a straight line, 
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hey: may be plotted on logarithmic paper by the use 
of the formula 


initial butane 
final butane 





initial isobutane 
og : 
© final isobutane 





= 2.7183 log 


The ordinates are taken as per cent butane of the 
original butane and the abscissas as isobutane as 
yer cent of the original isobutane. 

It may be shown by these methods of calculation 
that the high degree of vaporization necessary for 
the separation of such constituents as butane and 
sobutane, which lie close together in vapor pres- 
sire for corresponding temperatures. Thus if it is 
desired to have a residue from one simple distilla- 
tion on the basis of the sample given contain only 
10 per cent of isobutane, it is necessary to vaporize 
100 — 29.7 = 70.3 per cent of the mixture. Continu- 
ous fractional distillation is the equivalent of a large 
number of simple distillations, the number of plates 
times the plate efficiency, indicating the number of 
simple distillations required for a given separation. 
Inversely where the number of simple distillations 
required for a given separation were known, the 
number of plates required could be calculated by di- 
viding by the plate efficiency. The solution of sev- 
eral problems by the Rayleigh equation will convince 
one that a high degree of vaporization and a high 
reflux ratio is of major importance to efficient sepa- 
ration. 

Assume for example that the separation between 
butane and isobutane is desired by a number of sim- 
ple distillations. The first distillation would be car- 
ried then until only a very small per cent of the orig- 
inal sample remained. The distillate is then taken 
and redistilled until only a small residue remains 
which is essentially butane as before. This perfor- 
mance is repeated for a large number of times and 
the residues of all the distillations collected into one 
fraction. It would be found that the efficiency of 
the separation would be in proportion to the num- 
ber of distillations made and inversely as the aver- 
age amounts of residue from each distillation. This 
will give a visualization of what takes place in frac- 
tionating column and is given because visualization 
is an essential to understanding. 

The vaporization of liquid mixtures which takes 
continuously in tubes or columns is analogous to 
simple distillation without regard to condensation. 
There is gradual vaporization during the heating 
through-the tubes of the preheater but as none of 
the vapors pass off until injected into the column 
where partial pressure conditions are set up in the 
mix in which all the constituents play a part. Not 
so, however, in the reboiler at the bottom of the col- 
umn as portions of the materials vaporized pass out 
of the column continuously. 
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NUMBER OF PLATES 


The number of plates required in the column is 
dependent upon (1) the plate efficiency, (2) the com- 
position of the feed (3) the degree of separation re- 
quired (4) the reflux ratio, and (5) the nature of the 
reflux and its method of introduction. The condition 
of the feed entering the column also assists in deter- 
mining the number of plates that is the percentage 
vaporized as it enters the column from the pre- 
heater influences the operation. 

It is desirable to know the composition of the feed 
on some one plate in order to determine accurately 
the number of plates required. In natural gasoline 
rectifying columns, the composition of the kettle 
product may be calculated from a knowledge of the 
composition of the materials in the column and the 
kettle pressure and temperature. Means for deter- 
mining the composition on the top plate are also 
capable of prediction as shown in a previous article. 
(Ref. & N. G. M. Vol. 11, No. 2, Feb., 1932, Page 52). 

The procedure advocated by Dr. W. K. Lewis is to 
start at the bottom and work up, and at the top 
and work down, assuming each step as a theoretic- 
ally perfect plate. The first calculations serve more 
in the nature of an approximation, in short giving 
the general perspective after which the final touches 
are added by recalculation. A reflux ratio has at first 
to be assumed. The first set of calculations will de- 
termine whether or not a higher reflux rate is advis- 
able. 

The Lewis modification of the Hausbrand Equa- 
tion is written as follows for plates above the ‘ced 
plate 


Ps Vo 
=— Xn+1 Osis oh xaD 


Xn 





7 


and below the feed plate as 
Pa Vis 
Xm-1 Om-1 = x eee —— Xy R 


7 


= mol fraction of a pure component in the liquid phase. 


x 
O = mols of overflow from any given plate over a period 
of time. 

P = Vapor pressure of any component in the pure state. 

V = Mols Vapor using from plate under consideration. 

D = Mols Distillate leaving column over a stated period. 
= Operating pressure in absolute units. 

R = Mols of residue per period of time. 

n = Subscript to denote plates above the feed. 

M = Subscript to denote plates below feed. 


d and w = Subscrips for distillate and kettle respectively. 


The application of these and other equations and 
methods ‘for calculating the number of plates in a 
column, the number of columns required and the lo- 
cation of the points of feed will be treated more spe- 
cifically in a later article dealing further with the 
very complex and interesting subject of natural gas- 
oline, rectification. 
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Gases Produced from Cracking 
Oil in Vapor Phase’ 


By M. B. MARKOVICH and B. B. PIGULEVSKI 


INTRODUCTION 

N one of the previous pa- 

pers? one of us described 

an existing petroleum 
cracking plant at the refinery 
“Napthagas” in Leningrad, 
built to obtain maximum yields 
of heavy, gaseous but easily 
liquefied hydrocarbons and to 
rectify the latter for the pur- 
pose of obtaining “Blaugas,” 
etc. 

In the cited articles it was in- 
dicated that the optimum condi- 
tions for a process making 
blaugas (vapor phase, tempera- 
ture 580-620° C., working in a 
stream of inert gases) approach 
the conditions securing best re- 
sults in obtaining heavy unsatu- 
rated gases (propylene, buty- 
lene and partly divinyl.)* The 
latter makes us look at these 
gases with a special interest. 
They can be considered as a 
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HROUGH a cooperative arrange- 

ment with the Petroleum Division 

of the American Chemical Society 
a series of technical articles will be pre- 
sented in THE REFINER AND NATURAL 
GASOLINE MANUFACTURER for distribu- 
tion in English in this country and 
abroad. The articles are translated from 
the Russian by members of the Petroleum 
Division of the American Chemical So- 
ciety, thus making available the resulis 
of research carried out in the scientific 
laboratories of the Soviet. 

The accompanying discussion, consti- 
tuting part I of the first of the series, 
deals with gases produced by cracking oil 
in the vapor phase. This gaseous produc- 
tion of vapor phase cracking is one of the 
richest and most accessible sources of 
raw material for the synthesis of a very 
large number of chemical products. The 
presentation of this work will be con- 
cluded in an early issue. 





The investigation of the com- 
position of this type of prod- 
ucts is of greater importance 
than that dealing with products 
of blaugas. In the United 
States of America and lately in 
our country as well, vapor 
phase cracking at a tempera- 
ture above 520° C. (Almost the 
same as in our plant at the pres- 
ent time) is getting to be of 
greater and greater importance. 

Gases of liquid phase crack- 
ing processes are similar in 
composition to gases under in- 
vestigation, but differ by small- 
er content of unsaturated com- 
ponents.° 

At present, gases approach- 
ing ours in composition are be- 
ing produced at the Toluol Re- 
finery at Baku.® 

Of course, figures and de- 
ductions obtained from _ the 
study of gases of ‘“Naphthagas’ 
plant are not the same as the 


raw material for an industry converting these olefins 
into transportable compounds which carry correspond- 
ing fatty radicals. It is our problem to organize such a 
production and the work submitted describes the first 
steps undertaken in this direction. In studying our 
gases this problem caused us to pay the most attention 
to the unsaturated components which are being pro- 
duced at our gas plant.* 

The last stage of refining of cracked gases is rec- 
tification of all gaseous products transferred into 
liquid state by means of compression up to 110-120 
atmospheres with proper cooling. The following 
three fractions are obtained: 

1. Fixed with critical temperature below 
ag Ne 

2. Blaugas fractions—Liquid at 100 Atmospheres 
and 15°C. 


3. Pyrogasolines (amylenes)—light cracked gaso- 


gases 


lines. 
The subject of the present paper is a study of the 
first two purely gaseous fractions. 
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gases from the Toluol plant but there is not much dif- 
ference between them. 
1. METHOD OF DISTILLATION OF 
LIQUEFIED GASES 
(Fractional Rectification of Blaugases) 

The most interesting fractional rectification is that 
for blaugas. As it was indicated, this product is 4 
liquid at 100 Atm. and normal temperature, i. e. con- 
ditions at which it is taken into spherical container. 

We prefer to perform the distillation of blaugas 
fraction at a constant temperature and varied pres 
sure. Below we call this process isothermal frac- 
tional vaporization. 

It is less feasible technically to accomplish 4 
normal distillation at constant pressure but varying 
temperatures (isobaric), since it involves heating uP 
at high pressures, cooling to low temperatures, ett. 
Satisfactory results may be obtained only by per 
forming this work with rectification, that is, with a 


refluxing column. However, this complicates cot 
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ditions to such extent that we can use it only for 
heavier fractions. 

We are working now in the direction of isobaric 
rectification to get individual olefins in a higher state 
of purity but not for analytical purposes. The de- 
scription of results obtained is not a part of this 
article. It will be given in one of the future papers. 
However, as a matter of preliminary information, 
we will state that, the process can be accomplished 
methodically and technically as indicated by the first 
distillation performed for the purpose of trying out 
the specially made apparatus for secondary rectifi- 
cation of gases under pressure. We obtained a cut 
of propylene, containing up to 90% of propylene 
and a butylene plus divinyl cut (90% of it distilling 
over within a 2° C. range). But since then we were 
convinced that for analytical purposes this type of rec- 
tification under pressure is very complicated and that 
better results can be obtained with a simpler method, 
fractional isothermal vaporization, the latter method 
was adopted for analytical purposes. 

For the qualitative distillation we used a steel 
spherical container of about 27 liters, capacity about 
109 Cm. high & 23 Cm. O. D. and with a shell thick- 
ness of 6.5 Mm. The container was filled with vari- 
ous products subject to investigation. A pressure 
reducing valve was set on a vent pipe of the vessel. 
A copper tube of 6x8 mm. was branched out from 
the last to a very accurate pressure gauge.” On the 
outlet side of the reducer another pressure gauge 
was located. This gauge indicated the size of the 
valve opening. 

The vessel filled with gas, together with vent pipe, 
reducing valve, and pressure gauges, was placed on 
a “doctor’s” type metric scales, which are sensitive 
to 50 G. This assembly resting on the scales was con- 
nected to the rest of the gasometric system by means 
ofa thin rubber tube. From the reducing valve the 
gas goes through a gas meter at nearly normal pres- 
sure; from time to time it is directed into a specific 
gravity balance for determination of specific gravity. 
When a more accurate determination was required, 
or when it was desired to avoid a loss of a great 
amount of gas blowing through the specific gravity 
balance, a picnometer was introduced into the gas 
line. This picnometer consists of three spheres of 250 
CM* in volume, connected in series by means of 
capillary tubes. By this method an accuracy of de- 
termination of specific gravity can be reached within 
limits of less than plus or minus .003. 

Gas samples for purging apparatus and for making 
analysis are taken right after reduction of pressure 
through the branch outlet. Loss of volume of gas 
'S Comparatively small in this work. However, it 
Was taken into consideration and was added to the 
total volume of gas removed. 

The process of distillation consists of a slow dis- 
charge of gas from the container through the de- 
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scribed set of equipment. The maximum speed of 
distillation was 150 liters of gas per hour. However, 
even under such a slow speed of distillation the heat 
absorbed by the distilled liquid (due to latent heat 
of vaporization) is greater than that furnished from 
outside, and, as a result, the liquid cools off. There- 
fore, it is necessary to conduct the distillation inter- 
mittently. Also before recording the pressure in con- 
nection with taking gas samples for analysis, etc., 
it is necessary to stop the distillation (discharge of 
gas from balloon) and try out the system under con- 
stant temperature (usually plus 15° C.) until such 
a time as the manometer stops showing increments 
in the closed balloon (on account of the rise of temp- 
erature), that is until the time when an equilibrium 
between liquid and vapor phases is reached in the 
distilling balloon. Considerable time must be taken 
for this, not less than two hours. Thus the whole 
cycle of isothermal distillation takes a considerable 
period of time, for instance, for 10 Kgs. of gas not 
less than 90 to 100 working hours. 


2. SATURATES OBTAINED FROM ISOTHERMAL 
VAPORIZATION OF BLAUGAS FRACTION 

The saturated hydrocarbons were investigated in 
the following way. The gas was treated with strong 
alkali solution in an Orsat apparatus. Here the vol- 
ume of gas (because of vaporization of water) was 
increased by .2 to .3 per cent. Taking in considera- 
tion the unavoidable solution of gas in the alkali, we 
can state that there is practically no CO, in our gas. 
After that the gas was freed of unsaturates by 
bromine water and again washed in alkali solution. 
Carbon monoxide was absorbed in ammoniacal cop- 
per oxide after passing through alkali solution. The 
sum of CO, plus O, obtained is very near to the error 
of the determination, showing almost a constant fig- 
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Pressure in Atmospheres (Absolute ) 


Variation of Molecular Weight of the Fraction of 
Isothermally Distilled Wet Gas with respect 
to pressure. 


1—Molecular Weight of the whole gaseous fraction. 
2—Molecular Weight of the paraffin hydrocarbons. 
3—Molecular Weight of the saturates of gaseous fraction. 
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ure of .3% and only in some cases .7%. Such results 
may be also explained by the presence of CO or O, 
as well as by physical solution of gases, etc.*® 

After separation of unsaturated hydrocarbons, 
carbon monoxide and oxygen the balance consists of 
saturated hydrocarbons and hydrogen (about nitro- 
gen see below). 


TABLE NO. 1 
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Per cent in volume 

27.3 
28.3 
29.4 
30.6 
30.5 
32.2 
40.1 
43.6 
44.9 
46.1 
50.3 
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41.4 

42.8 

43.8 

t. 47.8 
16.2 56.1 58.7 
10.0 68.6 71.7 0.( 


(x) The decrease in volume by bromine water does not correspond 
to volumetric content of unsaturates, because water vapors from bromine 
water are included in the residue. To judge about the total amount 
of unsaturates, it is necessary to add the volume absorbed by strong 
H, SO, to the residue. This should be done, because H, SO, absorbs 
more unsaturates than bromine water. 

See Makkle “Chem. Ztblt.” 1912, Gurvich “Foundation of Scientific 
Refining of Petroleum”, p. 411. 
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In contrast to other literature which does not favor 
this method of determination of H.,, we are con- 
vinced that, constant results can be obtained without 
any poisoning of catalytic agent, if we deal with dry 
gases free of unsaturates, CO and O°. 

To determine what saturates are in the saturated por- 
tion of the gas we had to determine the average 
molecular weight. To make this determination more 
accurate,—which can be done only with products of 
rectification of gas and with isothermal vaporization, 
it is possible to assume that there is only methane 
and ethane but no propane in the lighter fractions of 
the rectification. This is proven by distribution in 
fractions of more accurately determined olefins, and 
by the physical constants of mentioned hydro-car- 
bons. Basing on the average molecular weight of the 
given mixture of saturated hydro-carbons (easily 
calculated when the composition of various com- 
ponents of the saturates is known), it is possible to 
calculate the comparative amount of separate com- 
ponents of the paraffin,—of course, to first degree 
of accuracy and only for heavier fractions of distilled 
gases. It is impossible to use the same method for 
middle fractions and worse yet for unrectified gases. 

The mentioned calculation is hindered by the fact 
that besides the saturates nitrogen is present, as a 
result of consecutive treatment of gases with all re- 
agents. However, the molecular weight of nitrogen 
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(28) is equal to methane and thus doesn’t have any 
effect on figures for methane; however, the curve 
for ethane is expressed by a sum of C,H, plus N,,. 

Generally speaking, we cannot expect to find an 
appreciable amount of nitrogen for the following 
reasons: 

1. The process is performed at a pressure higher 
than atmospheric, and, therefore, infiltration of air js 
impossible. 

2. The amount of nitrogen of air dissolved in crude 
oil subjected to distillation is insignificant in com- 
parison with the volume of obtained gases from 
same oil (the calculations give two-tenths of a per 
cent of the raw gas as a possible maximum). 

3. The refined oil—light “Soorhan’’, — contains 
very little of combined nitrogen. 

4. Although the conditions of cracking nitrogen 
derivatives of oil are not yet studied well, it is possi- 
ble to assume that these compounds are hardly be- 
ing split with sufficient speed at the temperatures of 
our regular processes; and if they are split, the com- 
pounds formed are of pyridine type and similar; the 
separation of nitrogen is impossible theoretically. 

Thus, if free nitrogen was present in our raw 
gas it was completely concentrated in the fixed gas por- 
tion. Analytically nitrogen can be obtained by com- 
plete burning of the whole gas. If we follow all 
requirements, assuring the completeness of burning 
of hydro-carbons and hydrogen (which requires 
maximum attention) and if we introduce all correc- 
tions, the remaining gas must be free nitrogen. 

A series of controlling experiments performed dif- 
ferent ways® showed either a complete absence or not 
more than one and one-half per cent of nitrogen i 
fixed gas fraction (only in special cases up to 5%; 
these cases are believed to be in error). After obtain- 
ing such results from this fraction, we cannot expect 
to find nitrogen in main fractions of wet gases. 

We are assuming that there is practically no nitro- 
gen in the wet gases and only about 1.2% in fixed 
gas fraction. 

The molecular weight of saturates is calculated from 
specific gravity of gas previously passed through 
bromine solution and through water wash for com- 
plete saturation with water vapors. A correction was 
made for the presence of water vapors. The averagt 
results are given in the following Table 2. 

The average molecular weight of all paraffin hy 
drocarbons of the wet gases is equivalent to 21.0. 

The graphical expression of average data by com 
position of saturates in gases is shown on Fig. 1. 

The change of molecular weight of distilled sat 
urites is given on this figure. 

The following deductions can be made: 

1. The content of saturates seldom goes down 
quantity during the distillation; the last fraction 
(corresponding to propane and butane) have quite 
subordinate meaning.” 

2. The curve expressing the indicating relation, * 
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tions. 
sufficiently clear except for 4-to 7 atmospheres. In 


these cases a certain retardation was noticed in the 
down trend of the curve. This can be explained by a 
greater solution of ethylene, especially propylene, in 
the liquid butylene, amylenes, etc., in comparison 
with solution of ethane, propane and iso-butane in 
the same. 

3. The average molecular weight of the saturated 
hydrocarbons is noticeably smaller than the average 
molecular weight of those gaseous fractions in which 
they are included. 

4. The amount of hydrogen is small even in re- 
spect to volume. It goes down and reaches zero in 
the middle of distillation of blaugas fraction. 

). In the first fractions of distillation, say up to 
‘) to 80 atmospheres, the amount of hydrogen, 
methane and ethane may be considered constant. 

6. The presence of CO, and CO + O, may be ig- 
iored, although, it can be detected in quantities not 
greater than the limits of accuracy of the gas anal- 
ysis. A certain maximum for the sum CO+ O, 
(probably mostly CO) is noticed in the middle frac- 
tions of distillation. 

7. Nitrogen present in small quantities in fixed 
gas fractions (not more than 1.2%), is practically 
absent in the wet gas fractions. 


3. METHOD OF RESEARCH FOR 
UNSATURATED GASES 

Investigation of unsaturates obtained by pyrolysis 
of fuel at lower temperatures, namely gases rich in 
heavy and unsaturated hydrocarbons, was almost an 
intouched sphere. It was usually terminated by 
otal absorption of unsaturates by strong sulphuric 
acid or bromine water. 

In series of experiments these methods were modi- 
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fied by addition of catalytic agents** by using strong 
solution of oleum,’* by substitution with sulphuric 
acid, phosphoric acid, or mixture of phosphoric acid** 
and silver nitrate, or mixture of H,SO, with sat- 
urated solution of K,Cr,O,,”* etc. 

The generally accepted investigation of olefins by 
means of transferring them into bromides cannot be 
of sufficient accuracy. This method is also compli- 
cated and requires considerable time for its perform- 
ance we used such a method many times but results 
were so inaccurate (except for determination of 
divinyls) that we do not dare to publish them.” 

The adaption of fractional solution in sulphuric 
acids of different concentration was a great advance- 
ment in the analysis on unsaturated gases. First, it 
was learned how to separate ethylene from its hom- 
ologues, treating the gas with 87% sulphuric acid’ 
without loss of ethylene and then absorbing eth- 
ylene by one of the known methods. By a variant 
of this method, propylene and the higher hydrocar- 
bons are absorbed in 87% sulphuric acid and ethylene 
in the same acid but with addition of 1% of V.O; 
or 6% (VO.,) SO,?® or in presence of Ag,SO, or 
Ag, SO,2+ Ni,SO,.”° 

Tropsch and Ditrich perfected .this method by the 
fact that the quantity of hydrocarbons absorbed by 
acid is determined not by decrease of volume but 
by oxidation of the product of reaction titrated with 
solution of KiSO, and counter titrated with Na,S, 
O,. 

Apparently all these methods permit a_ separate 
ethylene from its homologues. The accetped Ameri- 
can standard method of A. Manning, I. Kinz and F. 
Summat*! is based on a complete brominization 
of gases, distillation of bromides by fractions, cor- 
responding to the fractionation of bromides of sep- 
arate individual components of the gases to some 
extent, and the regeneration of these fractions in 
alcoholic solution by means of copper—zinc, with the 
following analysis of gases by fractional absorption 
by 87% H.,SO,. This method is free from a few de- 
ficiencies of the brominization system, but not from 
all of them (for instance, metalization of H,, isobuty- 
lene with formation of tri-bromides, etc.); the de- 
termination of the hydrocarbons with three or four 
atoms of carbon involves many errors, particularly 
those for butylenes (in thise case we cannot find any 
sure figures). 


As a basis of analysis of unsaturates of gases we 
accepted the fractional absorption of unsaturated hy- 
drocarbons by H,SO, of different concentrations, ac- 
cording to the method developed by A. F. Do- 
briansky.*? 

This method is founded on the difference in speed 
at which various unsaturated hydrocarbons are ab- 
sorbed by H,SO,. By selecting corresponding con- 
centrations of acids we can accomplish fractional 
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isolation of separate hydrocarbons from the mixture. 
A. F. Dobriansky recommends 63%, 84% and 
98% concentrations which were adopted by us orig- 
inally. 

First absorber—63% of H,SO,**—takes out iso- 
butylenes and vapors of dissolved amylenes, namely, 
unsymmetrical methylethylethylene and tri-methy- 
lene from gaseous mixture. 

The speed of absorption of other gaseous hydro- 
carbons is comparatively small. But in cases when 
their concentration in gases is great (in case of 
heaviest gaseous fractions—see below), the absorp- 
tion of the last occurs with a noticeable speed, 
and thus the 63% H,SO, does not produce a sharp 
separation. We will describe this in more detail. 

The speed of reaction with 63% of H,SO, is equal 
to zero for ethylene and propylene. 

Other unsaturates, N-butylenes, divinyl and va- 
pors of undissolved amylenes, mono-ethylenes and 
symmetrical di-ethylenes, have a measurable speed 
of reaction with 63% of H,SO,. Judging by the in- 
formation from previous literature, the mentioned 
amylenes can be only in subordinate quantities 
among the products of pyrolysis; if they are still 
present among the products of cracking, that is, in 
gaseous fractions obtained after double fractional 
distillation, namely, in those we are dealing with, 
their significance is comparatively small because 
they boil at 34° centigrade. Therefore, we may ignore 


TABLE NO. 3 


NOTES FOR ANALYSIS 
Fractions of Isothermal Vaporization of Blau-Gases 


Example I Example II 





Fraction at 18°C Fraction at 17°C 
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these amylenes in the future.** Appreciable influcnee 
on poor separation by 63% of H,SOQO, is thus caused 
by presence of divinyl and n-butylene in the men- 
tioned cases. 

To be able to judge about the content (of isobuty- 
lene + higher) in case when divinyl and n-buty- 
lene are present in appreciable quantities, namely 
when separation by 63% acid is not distinct, we are 
determining the speed of solution of analyzed gas 
during the treatment with 63% of H,SO, after ab- 
sorption of isobutylene was completed; that is, we 
determine the speed of reaction for the less soluble 
part of gas (divinyl, butylene, and partly propylene), 
Taking this speed into consideration we are introduc- 
ing a corresponding correction for their quantity, as- 
suming that the speed of absorption of the given 
poorly soluble part of gas by 63% acid remains con- 
stant at the beginning of the experiment and after 
the absorption of isobutylene. We will give an ex- 
ample to explain this.*° 


FIGURE NO. 2 
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Graphical Expression of Content of (Iso-Butylene and 
Higher) According to Data of Analysis 


The Content Found: 
1 — When P = 3.95 atm., point A— 6.4% 
2 — When P = 1.35 atm., point B — 11.6% 


Putting the results of absorption by 63% H,SO, 
on the curve (Fig. No. 2), we see that the speed of 
solution first changes sharply, but after a certain 
moment it becomes constant although comparatively 
unnoticeable. This moment occurs when the maif 
mass (isobutylene plus higher) already has entered 
the reaction and the absorption of divinyl, n-buty- 
lene, and propylene goes on (Fig. No. 2). 

The tangent of the angle formed by the straight 
line with the abscissa is the measure of the speed 
of absorption of mentioned gases. 

The constant speed of absorption with the first 
(1) absorber was reached graphically when the curve 
turned into a straight line (when concentration o 
divinyl and n-butylene is not great). By extra 
polation of this straight line we can determine the 
point of intersection with ordinate. As it was said 
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before, assuming that the speed of absorption of 
divinyl and others is the same during the whole 
period of experimentation, the portion between the 
zero on the co-ordinate and the found point of in- 
tersection will give us the exact content of “isobuty- 
lene plus higher.” 

Assumption of a straight line relation between the 
speed of absorption and time is strictly speaking, not 
correct, because the speed of absorption depends on 
the concentration, which decreases during the ab- 
sorption of early absorbed components and increases 
during absorption of less soluble components. The 
extrapolated line must really not be straight but 
curved,—somewhat bent in one or the other direc- 
tion. However, we are ignoring this, because the 
speed of absorption of less soluble gases by 63% 
H,SO, is really very small, and the content of iso- 
butylene and vapors of amylene in gas, current in 
practice, very seldom exceed 10%. 

On account of this, the concentration of divinyl 
and n-butylene by means of 63% H,SO, does not 
change materially during the course of analysis. 
Therefore the studied curve of absorption is very lit- 
tle different from the straight line. 

We want to emphasize that the described method 
of extrapolation can be applied only in cases when 
the speed for the less soluble part of gas is not 
ereat (not higher than .5 to 1 CM® per 5 minutes) ; 
at a greater speed the concentration of the less 
soluble portion of gas is changed to such an ex- 
tent that it is hard to obtain a straight line and the 
proposed method produces great errors. 

Referring to the example we can see that the con- 
tent of isobutylene and higher is defined as 6.2% in 
the first case and as 10.8% in the second case by 
method of extrapolation. 

Incomplete separation by 63% is only for the 
heaviest gases. In the lighter fractions of the iso- 
thermal distillation of liquefied gases, where there 
are no hydrocarbons with five carbon atoms and only 
a few with four the separation by 63% acid is ob- 
tained very nicely, and we can with greater ac- 
curacy use the method of extrapolation of the con- 
stant speed of absorption of components which are 
less affected by the action of 63% acid (this is called 
the method of extrapolation). The reason for it is 
that this speed is approaching zero, and the curve of 
absorption of the less soluble components becomes 
almost parallel to the axis of abscissa. In many 
cases it is easy to reach results which differ by .1% 
from each other. This variation is within the limits 
of accuracy of gas analysis. 

The second absorber—84% acid—absorbs all un- 
saturates except ethylene?® with a reasonable speed. 
The division is sufficiently good, and the difference 
in results is not more than .1 to .2 CM® at the end 
of the experiment. 

Since in this case not only propylene but the main 
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mass of divinyl and n-butylene (with exception of 
that part of the last which was subjected to reaction 
by the first absorber) are being absorbed, it becomes 
necessary to use some judgment as to the composi- 
tion of the gases absorbed in the second stage. For 
this we make the following assumptions. 

The vapors of symmetrical methylethylethylene 
and n-propylethylene, and more so isopropylethylene 
as products of pyrolysis, as indicated, are present in 
very small quantities and are to be ignored, espe- 
cially when we are dealing with the products of 
double fractionation. We suppose that the vapors 
of the other amylenes and isoprene were entirely 
absorbed together with isobutylene by the first 
reogent. Therefore, the components affected by the 
second absorber are propylene, divinyl and n-buty- 
lene. Knowing that the molecular weights of 
divinyl and n-butylene are close to each other, we can 
determine hydrocarbons with four carbon atoms ab- 
sorbed by second absorber by means of special gravi- 
metrical methods. The same method is used for de- 
termination of specific weights of the analyzed gases 
after the second absorption (with 84% of H,SQ,). 
Knowing the data of the analysis (change of volume) 
for the first (V,) and second (V,) absorption, it is 
not hard to figure out specific-weight of gas, of the 
gas absorbed by the second absorber, and from this 
to get the average Mol. Wt. of the absorbed gas M, 
in the second absorber. Specific weight of propylene 
is 1.45. We are assuming that specific weight of a 
mixture of divinyl, and n-butylene is equal to 1.9 
which is equivalent to a molecular weight of approxi- 
mately 55. (In other words, assuming n-butylene and 
divinyl are in 1:1 ration, the mistake resulting from 
this assumption is not great because the volumetric 
content of this group of hydrocarbons is insignificant, 
see below). The content of hydro-carbons with four 
atoms of carbon is: 

VeC4+VC,H=V, 

Vi.d=1.9 Ve C,+ 1.45 (V,—V?2 C,) 
The difference V,—V* C,—VC, H, gives us the 
content of propylene. 


Knowing V°C,, and having determined the con- 
tent of divinyl, by special method we can judge about 
the presence of n-butylene from the difference of 


these figures.*’ 
(To Be Continued) 
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Gas Returnable as Residue After Extraction and Plant Use 


The Natural Gasoline Association of America has adopted a table on relationships to facilitate ready 
interpretation of the standard residue gas curve in terms of per cent of casinghead gas returnable as resi- 
due after gasoline extraction. Although the table of values, presented below, has been adopted for general 
use and the information derived from the standard curve it is intended that the table be used only to inter- 
pret the curve and in case of dispute the curve itself is to remain the basis for settling such argument. 
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